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Abstract This chapter focuses on processing the different fuels for the use in

fuel cells, that is, the chemical conversion of different hydrocarbon
fuels to hydrogen or hydrogen-rich synthesis gases. Aside from an
overview on fuels, fuel processors, and fuel requirements from the
perspective of different fuel cells, quantitative modeling and simula-
tion approaches are presented. The models are based on the molec-
ular chemical processes in heterogeneous fuel conversion and
describe the interactions of chemical reactions on catalytic surfaces
and in the gaseous fluid with mass and heat transport. Reforming of

natural gas, gasoline, diesel, and ethanol are discussed.
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LIST OF UNITS AND SYMBOLS

Ycal caloric percentage

°C degree celsius

kg kilogram

kJ kilojoule

kW kilowatt

m meter

mg milligram

mm millimeter

mm? square millimeter

MW megawatt

mW milliwatt

n number of moles

ppm parts per million

ppmv parts per million by volume

ppmw parts per million by weight

pS pico-Siemens

vol.% volume percentage

W watt

A; name of species i

Ax pre-exponential factor, mol, m, s

C(s) surface carbon

C; species concentration, mol m~ 2 molm3

E,, activation energy, ] mol ™!

Feat/geo ratio of the total active catalytic surface area in relation to
- the geometric surface area of the fluid—solid interphase
i diffusion flux of species i, kgm ™ *s™"

ks, rate coefficient of the forward reaction, mol, m, s
K, number of surface reactions

M; molar mass of species i, kg mol

w (surface) normal

Ny bulk species absorbed by the catalyst particle

Ng species in the gas phase

N species adsorbed on the top catalyst layer

R gas constant, JK ' kg~ !

Rt local chemical source term species i

5 molar net production rate of species i, mol m %5
t time, s

T temperature, K

Y; mass fraction of species i

Br temperature exponent
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2

r site density, mol m™

AHYog molar standard formation enthalpy, ] mol™ !

&, coverage-dependent activation energy parameter, ] mol '
n effectiveness factor based on the Thiele modulus

0; surface coverage of species i

Ui, coverage-dependent reaction order parameter

Vi stoichiometric coefficient

Vi stoichiometric coefficient

T stef Stefan velocity, ms™ 1

0 density, kg m™ 3

g; coordination number, gives the number of surface sites

which are covered by the adsorbed species

1. INTRODUCTION

The first successful ascension of a balloon filled with hydrogen on Decem-
ber 1st, 1783, in Paris was possible, thanks to prior intensive fuel proces-
sing, because Jacques Charles was eventually able to sufficiently clean the
hydrogen he gathered from the dissolution of metal in acid. In their
experiments in the years before, Goethe, Lichtenberg, and Soemmering
in Gottingen and Frankfurt also observed the hydrogen bubbles but failed
to realize their dreams of filling a balloon with them due to insufficient
fuel processing (Sandstede, 2000).

In this book, fuel processing is understood as the process in which the
chemical composition of chemical energy carriers (primary fuels) is
chemically converted to a composition with which a fuel cell can be
operated. As hydrogen is the most commonly used fuel for fuel cells,
fuel processing usually is the conversion of the primary fuel to hydrogen
or hydrogen-rich gases and removal of components such as sulfur and
carbon monoxide that may have hazardous effects on the fuel cell opera-
tion. Since a variety of primary fuels is of interest, and since there is a
variety of fuel cell types with very different requirements regarding the
fuel quality, various concepts of fuel processing have been developed,
depending not only on the primary fuel and the fuel cell type, but also on
the field of application and its operating and boundary conditions.

Today, the lack of an adequate infrastructure for hydrogen distribu-
tion requires the delivery of hydrogen stored in bottles and tanks to the
location of the fuel cell. This hydrogen is mainly produced from natural
gas by large-scale industrial steam reformers associated with the need of
an extensive input of external energy and a tremendous output of the
greenhouse gas carbon dioxide. Therefore, from a sustainable point of
view, little is gained by using fuel cells for the production of electrical
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power, unless the entire process chain, from the fuel source to the pro-
duced electricity, is more efficient than the conventional production of
electricity in power plants. Here, the advantages of using fuel cells for
power supply include local independence from the power grid (mobile
and portable applications) and their use as back-up systems in case of a
grid power outage or shortage.

Due to the problems in hydrogen delivery infrastructure and since
efficient hydrogen storage facilities are still under development, an
alternate way of providing hydrogen for the fuel cell is the on-site
production from logistic fuels. Regenerative and liquid fossil fuels
exhibit a much higher volumetric energy density, which makes on-site
production of hydrogen an even more attractive possibility, in particular
for portable and mobile applications. On-site production requires effi-
cient, compact, and low-cost fuel processors specifically designed for the
application under consideration. A survey of current and potential fuel
cell applications is shown in Table 1, which also shows the large range of
electrical power output needed from the fuel cell stack, ranging from
milliwatts to megawatts.

Though the topic ““fuel processing” includes a variety of objectives,
ranging from the development of sulfur-resistant reforming catalysts to
the control of the entire fuel processor/fuel cell system, this chapter focuses
on the physicochemical fundamentals and the engineering aspects of fuel
processors specifically designed for fuel cell applications; books such as the
one by Kolb (2008) and specific literature are frequently referenced for
more details. Figure 1 provides a flowchart of fuel processing from the
original feedstock (natural gas, crude oil, coal, biomass) to the electrochem-
ical oxidation of the fuel cell’s fuel hydrogen. Here in this chapter, the focus
is on the specific fuel processing in reformers to prepare the fuel for its use
in fuel cells.

The chapter is organized as follows: In Section 2, the requirements on
fuel quality are given from the fuel cell point of view. Section 3 provides a
short overview of all the fuels considered as source for processing for fuel
cell applications. Then, there are three different sections on fuel proces-
sing being (Section 4.1) the cleaning and pre-reforming of the primary fuel
(desulfurization, cracking of long-chain hydrocarbons), (Section 4.2) con-
version of primary hydrocarbon fuels into hydrogen or hydrogen-rich
synthesis gases, and (Section 4.3) the cleaning and composition optimiza-
tion of the products such as removal of CO and olefins. In Section 4.2, we
discuss all relevant hydrocarbon conversion processes, which are steam
reforming (SR), partial oxidation (POX), and autothermal reforming
(ATR) from the point of view of the primary fuels being natural gas,
methanol, ethanol, gasoline, and diesel. Section 5 presents current avail-
able technologies and devices on the market and under construction and



Table 1 Application areas of fuel cell systems and their characteristics

Application Purpose

Power output

Fuel cell
type

Primary fuels

Fuel processor

Technology status

Power
plant

Grid supply

Stationary Electrical power

Residential Electrical power

Mobile—
drive
train

Mobile—
APU

Portable

and heat (CHP
systems)
Electrical power

Electrical power,
heat supply
Electrical power

100 kW to

500 MW

10-50 kW

500 W to 5 kW

10-500 kW

1-5 kW

1-150 W

SOFC
MCFC

SOFC
MCEC

SOEC
PEMEFC

MCEC
PEMEC

SOEC
PEMEFC
DMEC
PEMEFC

Natural gas, coal

Hydrogen, natural
gas, biofuels,
MeOH

Natural gas,
biogas, LPG

Hydrogen, diesel
Hydrogen, diesel,

kerosene
MeOH, hydrogen

SR, internal
reforming

(H; tank) SR,
ATR, internal
reforming

Mostly ATR

(H; tank) mainly
ATR

SR, ATR

Commercially
available (e.g.,
DEC®, PureCell®)

Commercially
available (e.g.,
DFC®, PureCell®)

Commercially
available (e.g.,
BlueGen®)

Under development

Under construction/
development

Internal reforming Under development

(H, storage)

$])3D 12n4 404 Suissa2044 |an4
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Figure1 Chart of fuel flow from source to power; this chapter focuses on specific fuel
processing (processing step 2), including some notes on internal reforming (processing
step 3); the latter one is also covered in the chapter by Kee et al.

in development. Section 6 presents modeling approaches and Section 7
applies them to study different aspects of fuel process technologies.

2. REQUIREMENTS ON FUEL QUALITY

Table 2 summarizes common types of fuel cells regarding operating tem-
perature and electrode materials. Since the proton exchange membrane
(PEM) fuel cell has the strongest requirement on the quality of the fuel
and is the most common cell so far, it should be discussed in more detail.

The PEM fuel cell is operated with hydrogen and oxygen/air at
temperatures between 60 °C and 120 °C. The membrane electrode assem-
bly of the proton exchange membrane fuel cell (PEMFC) is composed of
a proton-conducting membrane and two electrodes that contain a
catalyst—usually platinum—to dissociate and oxidize the hydrogen on
the anode side and reduce the oxygen on the cathode side upon diffusion
of the hydrogen protons through the membrane.

The conventional PEMFC anode is sensitive to carbon monoxide
because CO is preferentially adsorbed on the Pt catalyst, which inhibits
the hydrogen adsorption and hence poisons the anode. CO poisoning is
reduced with increasing temperature because the adsorption—desorption
equilibrium is slightly shifted toward desorption. Furthermore, platinum
alloys may partially suppress CO poisoning by offering a route toward
CO; formation by adsorbed water. A certain amount of air (“bleed air”’)



Table 2 Type of fuel cells

SOFC MCFC PEMFC PAFC DMFC
Operating 600-1000 °C ~650 °C 60-120 °C (HT-PEM up  190-200 °C 25-90 °C
temperature to 170-180 °C)
Electrolyte Yttria-stabilized Li,CO3 Nafion H;PO, Nafion
ZrO, K,CO; (polybenzimidazole)
Anode material Ni-ZrO, 90% Ni, 10% Cr Pt Pt/C Pt
Pt/C Pt/C
Cathode Sr-doped LaMnO;  Li-doped NiO Pt Pt alloy/C Pt
material Pt/C Pt/C
Anode reaction H,+0*" — H,+CO%3 —H,0 H,—2H"+2e" H,—2H"+2e~ CH;OH+H,0O
HyO+2e™ +CO,+2e~ —CO,+6H"+6e~
Cathode Oy +4e” —207~ 0,4+2C0O,+4e~ Oy +4H* O, +4H" +4e” 3/20,+6H"
reaction —2C0O3~ +4e” —2H,0 —2H,0 +6e~ —3H,0O

$])3D 12n4 404 Suissa2044 |an4
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added to the fuel channel also preferentially oxidizes CO. The CO toler-
ance level currently ranges from <10 ppm for Pt-based anode materials
up to about 100 ppm for CO tolerant anodes (Oetjen et al., 1996).

Quite a number of further species in the fuel cell feed, originating
either from the primary fuel or formed in the fuel processing system,
can be hazardous to the PEMFC anodes. At concentrations above
250 ppm, formaldehyde and formic acids can lead to irreversible damage.
Ammonia and sulfur, in particular hydrogen sulfide, have severe poison-
ing effects. Detrimental effects can also result in the presence of very small
amounts of metallic components in the feed, which may originate from
the fuel processor catalyst and material.

PEMFCs are usually rather tolerant concerning methane (up to
5 vol.%) and methanol (up to 0.5 vol.%) content in the feed.

An alternative to the classical Nafion membrane is polybenzimidazole
doped with phosphoric acid, which can be operated at temperatures up to
170 °C. This material does not require humidification and is CO tolerable
up to 1 vol.%.

3. PRIMARY FUELS

Since the term fuel is used in many different contexts in fuel cell research
and development (R&D), we use the term primary fuel for the fuel that is
the feedstock of the fuel processer, in which this primary fuel is converted
to a fuel that can be used by a fuel cell. Today, all commercially available
primary fuels are based on hydrocarbon fuels, mainly from fossil fuels
(natural gas, oil, coal) but meanwhile also from biomass. Furthermore,
hydrogen is the standard fuel for fuel cells, although some (higher-
temperature) cells can be operated with other fuels as well. Consequently,
processing of the primary fuel is needed. Another consequence is that any
statement of fuel cell efficiency has also to account for the upfront fuel
processing costs (energy/exergy, CO, emissions).

Table 3 provides a list of primary fuels available on the market. Of all
current potential primary fuels, the largest volumetric and specific (per
kg) amount of hydrogen (energy) is carried in liquid hydrocarbons.

3.1 Hydrogen as a primary fuel

Hydrogen as a primary fuel is not relevant today but may play a signifi-
cant role in the near future as soon as efficient and inexpensive technol-
ogies become available to provide the energy for the production of
hydrogen by (direct) solar energy via photovoltaic, photocatalysis, and
by solar-thermo devices and (indirect) solar energy via biomass.



Table 3 Physical properties of primary fuels used for fuel processing for fuel cells

Molecular  Density Boiling  Autoignition Flash  Heat of Heat capacity LHV ~ HHV  Sulfur
weight [g/ (15°C) point temperature  point  vaporization (Cp) [J/ [k} [ki/  content
Fuel mol] [kg/m’] [°C] [°C] [°C] [k)/mol] (mol K)] mol] mol] [ppmw]
Hydrogen 2.02 0.084 —252.76 560 <-253 091 29 2423 2865 0
Methane 16.04 0.671 —161.5 595 —130 8.17 34.92 802.3 8893 0
Propane 441 191 —421 540 —104 19.04 73.6 2011 22208 0
Methanol  32.04 790 64.6 470 11 35.21 79.5 638.1 7261 0
(liquid)
Ethanol 46.07 789.4 78 425 12 38.56 112.4 1329.8 1368 0
(liquid)
K/ [/
kgl kgl
Natural gas 16.0-20.0  0.66-0.81 —162  540-580 —188 47,141 52,225 0.25
LPG 510-580 —42to 494 —104 46,607 50,152 —
0
Gasoline 113 720-775  50-200 280 —43 43,500 46,500 10
Kerosene 170 750-845  150-325 210 38 43,100 46,200 <3000
Diesel 202 820-845 160-371 260 >52 42,612 45,575 10-50
Biodiesel 292 860-900  315-350 177 >130 37,520 40,160 <10

(FAME)

$])3D 12n4 404 Suissa2044 |an4

LL



12 Torsten Kaltschmitt and Olaf Deutschmann

3.2 Fuels from coal

Coal, as a fossil fuel, has a very low hydrogen/carbon atomic ratio and is
burned in most cases to generate energy, for example, in power plants.
The gasification of coal leads to a syngas containing hydrogen, which is
mainly burned in gas turbines to produce electricity.

C+Hy0 — CO+H,, AH%g=+131kJmol ! (1)

(Throughout this chapter, all reaction enthalpies are given for gaseous
species exclusively.) The produced syngas can be used in fuel cell applica-
tions after gas clean-up process steps such as desulfurization and carbon
monoxide removal. These units can be quite costly depending on the coal
used. Brown coal, for example, has a sulfur content of up to 3 vol.%. There-
fore, coal is usually not used for fuel cell applications unless it is available at a
low price. Furthermore, the produced syngas can be used for the synthesis of
other fuel types, for example, methanol, ethanol, and Fischer-Tropsch fuels.

3.3 Fuels from crude oil

The actual composition of fuels derived from crude oil widely depends on
its oil source and its processing in the refinery. The composition may have
severe impacts on the fuel processor, in particular concerning coking
issues. As most fuels are a mixture of a few up to several hundreds of
hydrocarbons, for example, gasoline or diesel fuel, they are commonly
classified according to their physical properties, such as boiling range,
flash point, viscosity, and heating value. Their production process deter-
mines these physical properties, which are gained by blending different
refinery fractions to obtain the desired values. Since today’s fuels are
specially tailored for internal combustion engines, fuel processors have
to handle them as commercially available products, regardless of any
chemical properties of the fuel that would result in a more effective
reforming and hydrogen production.

In both crude oil and natural gas-derived fuels, the sulfur content is
crucial for the fuel processor, in particular for the activity of the catalysts
used. The sulfur content in the fuel is determined by the sulfur removal in
the refineries, and the amount of sulfur left in the fuel is eventually
determined by legislative regulations.

3.3.1 Liquefied petroleum gas

Liquefied petroleum gas (LPG) is a mixture of certain specific hydrocar-
bons which stay at room temperature and moderate pressure in the liquid
phase. Main constituents are hydrocarbons with three or four carbon
atoms derived from refinery processes, natural gas processing, and in
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smaller amounts from cracking processes of higher hydrocarbons. The
most common commercialized products for LPG are mixtures of propane
and butane, which exhibit the highest specific hydrogen content among
fossil fuels and, taking the weight of the hydrogen storage tank into
account, could even exceed that of liquefied hydrogen (Muradov, 2003).

3.3.2 Gasoline

Gasoline is a middle distillate fraction of crude oil blended with several
other hydrocarbon and polymer compounds. Originally, gasoline was a
waste product of the refinery process used for producing kerosene from
petroleum. Due to its high combustion energy, it became the preferred
automobile fuel. Today’s gasoline production is performed in a three-step
process at the refinery. First, crude oil is distillated and separated in
different fractions by boiling ranges. In a second step, refinement of these
fractions by means of cracking, branching/isomerization, and aromatizing
is performed. In the last step, unwanted contents, such as sulfur, are
removed. Therefore, gasoline is a mixture of several hundreds of hydro-
carbons, alkanes, including cycloalkanes, alkenes, and aromatics (Table 4),
and has a boiling range from 50 °C to 200 °C. Commercial gasoline is a
blend of different refinery fractions, which meets specified physical proper-
ties required for modern internal combustion engines. These specifications
(e.g., EN 228 in Europe allows up to 5 vol.% bioethanol in gasoline) are
regulated by the legislative authorities. Furthermore, additional additives
are solved in the gasoline fuel. These additives are organic compounds that
enhance certain performance characteristics or provide characteristics not
inherent in the gasoline. Typically, additives are added in the ppm concen-
tration range. Additives in commercial gasoline are antioxidants, corrosion
inhibitors, demulsifiers, dyes and markers, anti-icing agents, and drag
reducers. Most of them are organic alcohols or acids, polymers, soluble

Table 4 Typical composition of liquid products of petroleum (biodiesel for
comparison)

JP-Fuel (JP-4
Gasoline Diesel  Kerosene exemplary) Biodiesel
n-Paraffins 4-7 40-70  10.13 32
i-Paraffins 25-40 60.37 31
Aromatics 20-50 <30 18.68 21
Naphthalenes/olefins 6-16 10-30  0.03 16
FAME 0 <7 0 0 >96

Typical chain length C4-C12 C8-C25 C10-Cl6 C4-Cl6 C12-C22




14 Torsten Kaltschmitt and Olaf Deutschmann

solids, or aromatic amines. The chemical complexity of commercial gaso-
line fuel covers a wide field of organic compounds, all of which contribute
to the reforming behavior in fuel processors. It was shown that, for exam-
ple, linear alkanes have nearly the same reforming performance indepen-
dent from the chain length, while branched or aromatic hydrocarbons
behave completely different (Hartmann et al., 2009a). There is still a high
demand for catalyst research regarding the management of the reforming
process of a broad variety of hydrocarbon compounds, the toleration of
certain amounts of sulfur in the fuel, and the avoidance of coke formation
on the catalytic surface.

3.3.3 Diesel

Diesel fuels, just as gasoline fuels, are a distillate fraction of crude oil and
were originally straight-run products. The production of diesel fuel is
analogous to that of gasoline: first distillation, second various conversion
steps, and third clean-up. Diesel fuel contains more nonvolatile compo-
nents than gasoline (Table 4) and has a higher boiling range (lying
between 160 °C and 371 °C). Therefore, diesel fuel must be sprayed and
cannot be evaporated in air without risking pre-ignition. Like gasoline,
diesel fuel is mixed with several additives to adjust performance char-
acteristics. Unlike gasoline, however, there are two main issues regarding
additives in diesel fuel. The first is keeping the injector nozzle clean and
the second is preventing gelling in cold weather when temperature falls
below a certain point.

Since diesel fuel has a broad variety of characteristics, several defini-
tions and various classifications are used in different countries, for exam-
ple, DIN EN 590 in Europe. Since 2009, ultra-low sulfur diesel may only
contain 10 ppm sulfur in Europe, whereas, in the USA, road diesel may
contain up to 15 ppm. Since 2010, diesel fuel may contain up to 7 vol.%
fatty acid methyl ester (FAME) in Europe to meet biofuels directives.

3.3.4 Kerosene

Like diesel, kerosene is an originally straight-run fraction of petroleum.
Its boiling range varies between 150 °C and 350 °C and its volatility lies
between those of gasoline and diesel fuel. In general, kerosene is used
as jet fuel and as fuel for domestic burners and furnaces. The chemical
composition of kerosene differs from that of gasoline and diesel fuel.
Kerosene must be free of aromatic and unsaturated hydrocarbons, as
well as of sulfur compounds. It is mostly a mixture of saturated hydro-
carbons ranging from Cj, to Cy¢ in chain length. Therefore, kerosene is not
produced by a cracking process. Kerosene typically consists of n-alkanes,
alkyl benzenes, and naphthalenes.
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3.4 Fuels from natural gas

Even though the methane content in natural gas may vary between 70%
and 96%, the remaining hydrocarbons, mainly ethane, propane, and
butane, have only minor effects on the fuel processor performance.
In both crude oil and natural gas-derived fuels, the sulfur content is
crucial for the fuel processor, in particular for the activity of the catalysts
used. For most applications in fuel cell operation, the natural gas has to be
converted into syngas in a fuel processor, providing a hydrogen-rich fuel
gas for the fuel cell stack. Furthermore, the produced syngas can be
processed into other hydrocarbon compounds, such as alcohols or
Fischer-Tropsch fuels.

3.41 Propane

There are two technologies for recovering propane from natural gas,
either cryogenic separation or adsorption plants. The former includes
simple refrigeration which typically operates at —23 °C for dew point
control operations or at —40 °C for propane recovery. Turbo-expander
systems are well established for propane recovery. When operated at
temperatures down to —73 °C, most of the ethane and all C;, hydrocar-
bons are liquefied and afterward fractionally distilled for components
separation. Figure 2 shows a typical natural gas processing diagram.

3.4.2 Methanol

Methanol can be produced by a variety of different processes. The most
frequently used industrial process is the formation of methanol from
syngas of Cu/ZnO- or CuO/ZnO-based catalysts, mainly supported on
AlLO5 (Liu et al., 2003; Phan et al., 2011). The synthesis is carried out at
moderate temperatures of about 250-300 °C at pressures of 50-100 bars
and is a moderately exothermic reaction.

CO+2H; — CH;0H, AHYs = —91kJmol )
CO; +3H, — CH30H +H,O, AHY = —49.5kJmol (3)
CO+H,0 — CO, +Hy, AHY%g=—41.2kJmol ™ (4)

In the first two reactions, (2) and (3), methanol is produced under
thermodynamic control at low temperatures to avoid hot spots in the
reactor. In parallel, water—gas shift (WGS) reaction consumes the pro-
duced water in reaction (3), resulting in a strong overall driving force
of the reaction to the product side. Methanol is particularly used as a
transportation fuel or as a convenient means of energy storage for fuel cell
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Figure 2 Simplified block flow diagram of a typical gas processing plant.

applications. Direct methanol fuel cell (DMFC) can be directly fueled with
methanol without any upstream fuel processor for hydrogen production.

3.43 Ethanol

Ethanol and higher alcohols have been identified as potential additives
for fuel in fuel cell applications. The production of alcohols C. ; is often
obtained by the catalytic conversion of syngas, which can derive from
several carbon sources, such as biomass, coal, or natural gas. Rhodium-
based catalysts give high selectivities to C, oxygenates, but are quite
costly. Cupper-based catalysts promoted with alkali, transition metals
and their oxides, and rare earth oxides are under current research as
substituents for the expensive precious metal catalysts. An optimal amount
of promoter with well-defined reaction conditions is necessary to suppress
undesired by-products, for example, methane (Gupta ef al., 2011). Apart
from Rh- and Cu-based catalysts, modified Fischer-Tropsch and Mo-based
catalysts can be used (Spivey and Egbebi, 2007). Ethanol improves the
octane rating of gasoline and reduces emissions of NO, and unburned
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hydrocarbons (Courty et al., 1990), but also diminishes the overall energy
efficiency. Ethanol can also be produced from biomass and is therefore of
interest as biofuel due to limited fossil fuel resources.

3.5 Fuels from biomass

3.51 Biodiesel
The characteristics of biodiesel regarding the use in an internal combus-
tion engine make it a fuel equivalent to diesel fuel made from petroleum.
Biodiesel is made from biological sources by means of esterification of
vegetable oils with methanol or ethanol; the most common sources are
soybeans and rapeseeds.

The main chemical components of biodiesel are fatty acid alkyl esters.
It has clean burning properties, virtually no sulfur content, and is a good
lubricant. Therefore, biodiesel is blended with diesel fuel derived from
petroleum. In the European Union (EU), up to 7% biodiesel can be added
to ultra-low sulfur diesel from the refinery since 2010. When it comes to
boiling range, viscosity, and specific density, the physical characteristics
of biodiesel are comparable to diesel fuel.

In Europe, the EN 14214 standard determines the minimal require-
ment for biodiesel fuel, for example, maximum 10 ppm sulfur content.

3.5.2 Ethanol

Ethanol derived from biomass, which is also referred to as bioethanol, is
produced from the conversion of carbon-based feed stocks, such as sugar-
based (sugar cane, sugar beets), starch-based (corn, grain), and cellulose-
based (straw, wood) raw material.

The increasing use of renewable fuels, for example, ethanol, and fossil
fuels blended with renewable fuels, for example, E10 (gasoline blended
with 10 vol.% ethanol), in vehicles also intensifies the research activities
for these fuels in the field of hydrogen supply (Hohn and Lin, 2009;
Nilsson et al., 2008).

3.5.3 Methanol

Methanol was historically produced by gasification of organic materials
followed by methanol synthesis, or by destructive distillation of wood.
However, the obtained methanol was of lower quality and contained
additional contaminations such as halide ions. Today, methanol is mainly
produced by the conversion of synthesis gas in the presence of cupper-
based catalysts at moderate temperatures of about 250 °C. The synthesis
gas can either be derived from natural gas or from biomass gasification.
Depending on the source, additional clean-up and adjustment steps have
to be implemented in the process to produce high-quality methanol.
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In the EU, there are directives for the usage of energy derived from
renewable resources, which regulate the share of renewable energy in the
overall energy demand of the EU’s member states by 2020. In conse-
quence of 2009/28/EG, Germany introduced the BioKraftQuG in 2006.
BT-Drs 16/2709 regulates the percentage of biofuels in vehicle fuels. In
2009, it was revised by BGBL. I S. 1804. For gasoline, a caloric percentage
(%cal) of 2.8%cal, and for biodiesel 4.4%cal is dictated.

4. FUEL PROCESSING TECHNOLOGIES FOR FUEL
CELL APPLICATIONS

Converting hydrocarbon fuels to a hydrogen-rich syngas including fuel
preprocessing and reformate clean-up is a complex chemical and engi-
neering task. Various processor steps are integrated in a fuel processing
system according to the used primary fuel or the requirements on
the reformat quality. In the following, the main steps as preprocessing
of the fuel, reforming, and clean-up are discussed. The main focus is given
to the conversion of hydrocarbon fuels to hydrogen. A full fuel processing
system is shown in Figure 3.

41 Cleaning of the primary fuel—Desulfurization,
pre-reforming/cracking of large hydrocarbons

Fuel sources, such as natural gas, crude oil, coal gas, and especially biomass,
contain significant amounts of sulfur. For reformer and fuel cell usage,
desulfurization is necessary. As a consequence of strict directives by the
EU and Environmental Protection Agency, USA regarding the reduction of
sulfur dioxide emissions, the maximum allowed sulfur levels in these fuels
need to be reduced. Figure 4 shows the maximum allowed sulfur content
for different fuels over the past 20 years. In 2010, sulfur levels were limited
to 10 mg kg~ ' in the EU (Euro V) and to 15 mg kg~ ' in the USA.

A conventional method for desulfurization treatment of fuel at the
refinery is the hydrodesulfurization process which is operated at 300
400 °C and pressures of 40-50 bars. However, this process is not suited
to produce ultra-low sulfur fuels that are necessary for the continuous
operation of fuel cell applications.

Since most fuel processors and various fuel cell types are based on
materials containing precious metal, for example, rhodium and platinum,
sulfur content in the feed stock leads to rapid deactivation of the heteroge-
neous catalyst and to the loss of conversion efficiency. Even the normal
odorous sulfur level in natural gas (4-6 ppmv; Knight and Verma, 1976)
leads to a rapid deactivation of the reformer catalyst. Most fuel cell applica-
tions require sulfur contents below 0.1 ppmv (Chunshan, 2003; Hernandeza
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et al., 2008). Several technologies are available to provide ultra-clean hydro-
carbon primary fuels, but it has become apparent that adsorptive desulfuri-
zation technologies are the best in terms of cost (van Rheinberg et al., 2011).
Adsorptive desulfurization is a widely used technology for the removal of
sulfur from fuels to a level of ultra-clean quality. Simplicity and adaptability
make this technology flexible and easy to integrate into the process due to
the fuel processor and fuel cell type. A broad variety of sorbent materials are
available on the market, ranging from zeolites and activated carbon over
catalysts containing transition and precious metals to metal oxides, for
example, ZnO. Actual research focuses on the development of more
sulfur-tolerant catalyst systems for fuel processors and anode materials
for fuel cells, requiring less precleaning of the fuel and thereby minimizing
the balance of plant (BOP) and cost reduction.

Pre-reforming is performed to crack higher hydrocarbon species into
hydrocarbons ranging from C; to Cg as they have better reforming char-
acteristics in ATR compared to long-chain and aromatic compounds
(Borup et al., 2005). Muradov et al. have reported about a novel combined
pre-reforming-desulfurization process for the conversion of high-content
sulfur diesel fuel to hydrogen-rich reformat suitable for fuel cells
(Muradov et al., 2010). The pre-reformer uses hydrogen recycled from
the fuel processor/purification unit to convert sulfur-enriched diesel fuel
(3180-5240 ppmw) into short-chain hydrocarbons, mainly propane, and
H,S. Muradov et al. assume that 13-16% of the hydrogen fraction needs to
be used for recycling in their pre-reformer unit in order to convert diesel
fuel to propane and butane. As pre-reforming catalyst, they use a mixture
of zeolite and Ni-Mo/alumina catalyst at 400-500 °C with pressures
around 14 bars. The desulfurization of the pre-reformer effluent gas was
performed with adsorption technology using an aqueous ferric sulfate
solution, which led to an overall desulfurization yield of 96-98%, with
<5 ppmv H,S content in the effluent gas. The process was operated for
>100 h, and coke formation on the catalytic surface as well as deactiva-
tion of the pre-reformer was observed, depending on the process para-
meters. Since primary fuels are directly usable for reformer applications
such as SR, ATR, or catalytic partial oxidation (CPOX), only desulfuriza-
tion is necessary to protect the sulfur-sensitive active sites in most reform-
ing catalyst. Pre-reforming appends another reactor unit to the complete
fuel processor system and their application is doubtful due to coking/
regeneration, volume, and weight increase in mobile applications.

4.2 Conversion of hydrocarbon fuels to hydrogen

The reactants in fuel processing, that is, the fuel C;H,O., steam, H,O, and
the oxidizer, O,, contain carbon (C), hydrogen (H), and oxygen (O) atoms.
From the point of thermodynamic equilibrium, a convenient way for
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characterizing the feed composition is the specification of the molar ratios
of the elements in the feed stream, which are usually expressed by the
carbon-to-oxygen ratio (C/O),

C_  cmo. 5)
O Zﬁoz +Z7}leHyOZ ’
and the steam-to-carbon ratio (S5/C),
S _mo_ ©

C Xnc, H,0.

Sometimes, the oxygen content in the fuel is neglected in the compu-
tation of C/O.

The major global reactions occurring in fuel processing of hydrocar-
bon fuels C;H,O; are:

SR:

C:H,0; + (x —2)H,O — xCO+ (x —z+y/2)Hy, AH3g>0 ?)

POX:
C.H, + ;foz —xCO+ gHz, AH5 <0 ®)

1,0, + 522

0, —¥CO+2Ha, AHly <0 ©)

total oxidation (combustion):

CH,O. + (¥ =>+3) 02 —¥CO + (3)H:0, Al <0 (10)

dry reforming (DR):

CiH, 0. + (x—2)COz — (2x—2)CO+LHy, AHg>0 (11)
WGS reaction:
CO +H,0 — CO, +H,, AHSg=—41kJmol ! (12)
methanation
CO+3H; — CHy +H,O, AHY = —206kJmol (13)

Boudouard reaction

2CO — C+CO,, AHdg=—172kJmol . (14)
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The combination of SR and POX is called ATR:
CH, 0. + 10, (x —z) + H,0 — xCO, + (x 2 +%) Ha, AH5~0. (15)

In reality, the reactions proceed via a complex network of elementary
reactions and are often both in the gas phase and on the catalyst. Indeed,
most of the fuel processing devices use heterogeneous catalysis, that is,
the chemical conversion is carried out on the surface of a solid material,
the catalyst. However, since most reforming processes are conducted at
temperatures above 400 °C and sometimes even above 1000 °C (POX,
ATR), homogeneous conversion in the gas phase can accompany the
catalytic conversion. The potential products of gas-phase reactions may
be quite different from the ones obtained over the catalyst. The formation
of methane and light olefins are of particular interest. The latter ones may
undergo molecular growth processes leading to polyaromatic hydrocar-
bons (PAHs) and finally to soot particles and coke layers on the catalysts
and the solid walls of the apparatus and pipes (Kaltschmitt et al., 2011).

SR is the highly endothermic conversion of any hydrocarbon species
by steam into a mixture of carbon monoxide and hydrogen, the synthesis
gas. The product stream usually also contains unconverted steam and
some fuel and carbon dioxide, the latter due to consecutive WGS. Even
though SR requires the supply of steam and heat, it has been the primary
route for the production of hydrogen and synthesis gas. A major advan-
tage of SR in comparison to POX and ATR is the fact that no oxygen is
needed, and therefore nitrogen does not need to be pumped through the
process in case oxygen is provided in form of air.

POX offers a possibility to run the fuel processor without additional
devices for providing heat and steam; aside from the fuel, only oxygen
(air) is needed. Using noble metal catalysts such as rhodium—this process
is called CPOX—the fuel can be converted within milliseconds. By recy-
cling the steam containing exhaust gas of the fuel cell stack, the CPOX
reformer could be operated as an ATR reformer. For start-up, the C/O
ratio may be decreased (C/O <0.5) to use the highly exothermic combus-
tion reactions to heat up the reformer to its operating temperature of
~1000 °C and also to avoid and/or burn any undesired deposits.

ATR, both by gas phase and catalytic conversion, has gained attraction
in the last decades because, in principle, no external heat is required.

4.21 Natural gas
SR of natural gas is the major route for the production of hydrogen and
synthesis gas in chemical industry (Rostrup-Nielsen, 1984):

CH, +H,0 — CO+3H,, AH)oq =207kJmol . (16)
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Even though higher pressures favor the reverse reactions, industrial
steam reformers work with pressures above 20 bars due to require-
ments of downstream processes. Hydrogen as a separate component of
synthesis gas is largely used in the manufacturing of ammonia and in a
variety of petroleum hydrogenation processes. SR is a very efficient
technology for the production of hydrogen and synthesis gas from
fossil fuels in large-scale facilities, reaching yields close to the thermo-
dynamic equilibrium (Rostrup-Nielsen, 1984). Conventional steam
reformers deliver relatively high concentrations of hydrogen at high
fuel conversion. The molar S/C ratio usually exceeds 2.5. The excess
steam supports the completion of the reaction and inhibits coke forma-
tion, but additional heat must be added (Trimm, 1997). The products
of the reaction are controlled mainly by thermodynamics, which favor
the formation of methane at lower temperatures and of hydrogen at
higher ones.

SR is usually carried out over Ni-based catalysts (Rostrup-Nielsen,
1984). The very expensive noble metal rhodium has also been shown to
be a very efficient SR catalyst (Schadel et al., 2009) and is not as sensitive
to coking as Ni. Recently, direct synthesis of Ni-based hydrotalcite was
used to prepare small Ni nanocrystals which can efficiently be applied
for sorption-enhanced steam methane reforming (Ochoa-Fernandez
et al., 2005).

POX and autothermal oxidation: Due to the expected increase in the use
of natural gas as a feedstock for chemical industry and as a primary fuel
for fuel cell applications and due to the fact that the required external
energy supply is disadvantageous in small-scale operation units, the
interest in autothermally operated reformers for the conversion of natural
gas into synthesis gas and hydrogen will grow further.

Due to the pioneering work of the Schmidt group (University of
Minnesota), CPOX (Deutschmann and Schmidt, 1998; Dissanayake et al.,
1993; Hannemann et al., 2007; Hickman and Schmidt, 1992, 1993a; Horn
et al., 2006; Schwiedernoch et al., 2003) of natural gas, here expressed in
terms of the major natural gas constituent, methane,

1
CHy+50, —CO+2H,, AHYs = —36kJmol !, (17)

has attracted much interest because of its potential to conduct the reaction
autothermally in compact devices and without an additional water tank,
which can also reduce the cost of small-scale and remotely operated
devices for synthesis gas and hydrogen production. At short contact
times over noble metal catalysts, CPOX can basically be used for all
hydrocarbon fuels. The addition of steam (ATR), for instance coming
from the fuel cell exhaust, increases the hydrogen yield,
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1
CHy +50, + H,0 — CO, +3Hy, AH% = —76kJmol . (18)

POX of methane over rhodium-coated monoliths is one of the most
studied systems in fuel processing for the production of hydrogen. In
Section 6, we therefore use this process as an example to illustrate the state
of the art in modeling fuel processors.

DR, using CO,, is especially discussed in the context of the useful
processing of a greenhouse gas in the chemical industry. Since the reac-
tion is slow, it currently does not play any role in fuel processing for fuel
cell applications.

4.2.2 Methanol

Steam reforming: The thermodynamic equilibrium composition of methanol-
steam mixtures exhibits a maximum yield of H, at S/C ~1. Potentially
harmful by-products are formic acid (HCOOH) and methyl formate (CH3-
OCHO) (Takahashi et al., 1985).

CH;O0H + H,0 — CO, +3H,, AHY, =50kJmol ! (19)

4.2.3 Ethanol

Due to the increasing use of biomass in the energy sector, conversion
of ethanol to hydrogen has recently been extensively investigated by
using SR (Birot et al., 2008; Cavallaro, 2000; Cavallaro ef al., 2003a;
Laosiripojana and Assabumrungrat, 2006; Liguras et al., 2003; Liu et al.,
2008; Roh et al., 2008; Wanat et al., 2004), POX (Costa et al., 2008; Salge
et al., 2005; Silva et al., 2008a,b; Wanat et al., 2005), and ATR (Akdim et al.,
2008; Cavallaro et al., 2003b; Deluga et al., 2004; Fierro et al., 2003, 2005,
2002; Vesselli et al., 2005).

SR of ethanol,

CoHs0H + H,O — 2CO +4H,, AHdg = +256kJmol *, (20)

requires higher temperatures than methanol SR, which may also lead to
ethanol decomposition (Fishtik et al., 2000),

CoHs0H — CH, +CO+H,, AHYg = +49kJmol !, (21)
and to the formation of numerous by-products, such as ethylene,
CoH50H — CoHy +H,0, AHYgs = +45kmol ™, (22)
and acetaldehyde,

CoH50H — CH3CHO + H,, AHY = +69kJmol . (23)



Fuel Processing for Fuel Cells 25

POX,
1
C2HsOH + 502 —2C0+3H,, AHgs = +14kimol ", (24)

presents an alternate route for hydrogen production from ethanol, in
particular with rhodium catalysts. POX of ethanol is slightly endothermic,
a notable difference to POX of aliphatic hydrocarbons such as methane
(natural gas), iso-octane (gasoline), and hexadecane (diesel). For C/
0<0.8, the selectivity to hydrogen is almost as high as in the thermody-
namic equilibrium without by-product formation (Hebben et al., 2010). At
C/0>0.8, the conversion of ethanol decreases while the oxygen conver-
sion is complete. Significant amounts of methane, ethylene, acetaldehyde,
and diethyl ether have been detected in CPOX of ethanol at C/O>1.2
(Figure 5), which can be related to the accumulation of carbonaceous
overlayers with time on stream (Hebben et al., 2010).

4.2.4 Gasoline
SR of higher hydrocarbons, here given for iso-octane as a gasoline

surrogate,
i—CgHyg +8H,0 — 8CO+17H,, AHg = +1274kJmol ™!, (25)
requires high temperatures and is usually operated at S/C well above the

stoichiometric ratio of S/C=2 to avoid the formation of coke precursors,
which reduces the overall efficiency of the process.

POX,
i—CgHyg+ 40, — 8CO +9H,, AHYg = —660kjmol ', (26)
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Figure 5 Experimentally measured selectivity of by-products as a function of C/O for
the CPOX of ethanol on alumina-supported Rh-coated honeycomb catalysts for two
different flow rates; taken from Hebben et al. (2010).
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on the other hand, is a useful alternate route that has been the subject of
several recent studies with the focus on auxiliary power unit (APU) on-
board of vehicles.

However, the varying composition of logistic fuels such as gasoline,
kerosene, and diesel challenges any model predictions of the performance
of catalytic gasoline reformers. The composition does not only influence
the overall hydrogen yield but also the propensity of the coke formation.
A systematic study on the reforming of gasoline components over Rh/
Al,O3-coated monoliths for a wide range of C/O ratios was recently
conducted by Hartmann ef al. (2009a). The impact of the chemical struc-
ture and chain length of hydrocarbons in CPOX over Rh-based catalysts
has been studied, using benzene, cyclohexane, 1-hexene, and i-hexane
(3-methylpentane) for the representation of archetypical constituents of
logistic fuels (Hartmann ef al., 2009a). Since these species have the same
number of carbon atoms, their performance can easily be compared on the
basis of their molar C/O ratios. The influence of the fuel components is
studied by comparison of a series of linear alkanes ranging from n-hexane
to n-dodecane and thereby representing the wide range of boiling points
of the individual fuel components. Furthermore, the effect of side chains
of cyclic hydrocarbons has been studied by using species with methyl
substitution of benzene and cyclohexane. This study revealed the domi-
nant role of the structure of the hydrocarbon fuel (n-alkanes, i-alkanes,
cycloalkanes, olefins, or aromatics) in the production of synthesis gas
(Figure 6) and undesired by-products. Especially the presence of double
bonds or an aromatic ring shifts the yield to total oxidation products.
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Figure 6 H, yields in CPOX of characteristic components of logistic transportation
fuels over Rh/alumina-coated honeycomb catalysts as a function of C/O ratio; taken
from Hartmann et al. (2009a).
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On the other side, equivalent performance is observed for varying chain
lengths of the hydrocarbon backbone or the appearance of side chains.
Ethylene, propylene, and acetylene are precursors for coke formation in
reforming processes (Kang et al., 2010, 2011; Villano et al., 2010). The
propensity of the formation of these coke precursors is also dominated
by the structure of the hydrocarbon fuel (Hartmann et al., 2009a). Acety-
lene is exclusively found in conversion of aromatic hydrocarbons. Fur-
thermore, acetylene is the only hydrocarbon cracking product formed
under fuel lean conditions, which can be attributed to the high reaction
temperatures reached in conversion of aromatic hydrocarbon fuels and by
an excess of oxygen. The strong increase in formation of o-olefins with
increasing C/O in CPOX of hydrocarbons can also be employed for
application in chemical industry (Krummenacher and Schmidt, 2004).

Based upon the knowledge of the reaction of characteristic fuel con-
stituents, surrogates of logistic fuels can be obtained. Besides the reduc-
tion of the high complexity of commercial fuels in model fuels, the use of
surrogates allows a reliable standardization and reproduction of CPOX
experiments. Moreover, the influence and interaction of dominant con-
stituents can be explored, allowing the development of detailed models
for CPOX of logistic fuels.

Gasoline/ethanol mixtures: The characteristic features of ethanol reform-
ing lead to the question of their impact on the reforming of gasoline that is
blended with ethanol. The increasing use of renewable fuels, for example,
ethanol, and fossil fuels blended with renewable fuels, for example, E10,
in vehicles also intensifies the research activities for these fuels in the field
of on-board hydrogen supply (Cavallaro ef al., 2003a; de Lima et al., 2009;
Deluga et al., 2004; Fatsikostas et al., 2002; Hebben et al., 2010; Hohn and
Lin, 2009; Kirillov et al., 2008; Liguras et al., 2004; Ni et al., 2007; Nilsson
et al., 2008; Sato et al., 2010). In a recent study, Diehm (2010) systematically
studied the impact of ethanol content in gasoline on CPOX of gasoline
over a Rh/alumina-coated monolith. Using ethanol/i-octane as surro-
gate, it was observed that the conversion of ethanol is faster than that
of iso-octane (Figure 7). In particular, the conversion of iso-octane
already drops at relatively low C/O ratios, and increasing ethanol con-
tent intensifies this effect. The hydrogen selectivity generally decreases
with increasing ethanol content; however, this trend is not linear. In fact,
the highest hydrogen yield is achieved at 5% ethanol and not at pure iso-
octane (Figure 7). The formation of by-products is also promoted by
ethanol, and rather high ethylene concentrations are found even at low
C/O ratios. All these findings were also observed using ethanol blended
with commercial gasoline (E5, E10, E85) (Diehm, 2010), which implies
that ethanol-blended iso-octane can serve as a surrogate for ethanol-
blended gasoline.
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Figure7 C-based conversion of ethanol (A) and iso-octane (B), and hydrogen yield (C) as
a function of the C/O ratio for CPOX of ethanol/iso-octane blends over a Rh/Al,O3-
coated honeycomb monolith. Vol.% nomenclature denotes the molar percentage of
ethanol in the blend. Taken from Diehm (2010).

4.2.5 Diesel

In comparison to natural gas and gasoline, diesel fuel has the higher
hydrogen energy density. However, diesel is the more difficult fuel to
reform because diesel fuel is a mixture of a wide variety of paraffins,
naphthenes, and aromatics, each of which reacts differently in a CPOX
reaction, as discussed above and elsewhere (Hartmann et al., 2009a;
Shekhawat et al., 2009; Subramanian et al., 2004). The usual occurrence
of organosulfur compounds will complicate the reforming even more, in
particular concerning catalyst deactivation.

Rhodium-based catalysts were chosen for many studies of catalytic
reforming of diesel and its major components, not only because it was
successfully applied for reforming, in particular CPOX, of lighter
hydrocarbons but also because it revealed low propensity for carbon
formation (Krummenacher and Schmidt, 2004; Krummenacher et al.,
2003; O’Connor et al., 2000; Shekhawat et al.,, 2006; Subramanian
et al., 2004; Thormann et al., 2009, 2008b). The study of Krummenacher
et al. (2003) on CPOX of diesel over Rh/Al,O3-coated foam catalysts
revealed that the highest hydrogen yields can be achieved when the
reactor is operated at low C/O ratios, which are actually close to the
flammability of the mixture shown in Figure 8. Furthermore, the opera-
tion of diesel fuel at such low C/O ratios presents a challenge for the
mixing and feeding of the reactants, and in particular, a much higher
tendency to precombustion of the fuel upstream the catalytic section is
observed. This transient behavior is less drastic when the single fuel
components or their binary mixtures are used. The hydrogen yields
show a maximum at C/O ratios closer to 1.0, and the reactor can be
operated more safely (Hartmann et al.,, 2009a; Krummenacher and
Schmidt, 2004; Krummenacher et al., 2003).
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Figure 8 Effect of the C/O ratio on the partial oxidation of diesel fuel over a
Rh/alumina-coated foam catalyst; conversion of fuel and oxygen, and catalyst exit
temperature measured (left) and product selectivity (right); taken from Krummenacher
et al. (2003).

CPOX of diesel is also more affected by the formation of carbonaceous
overlayers and coking of the reactor lines downstream of the catalyst.
Indeed, incomplete conversion of the fuel in the catalytic section will
eventually lead to coke formation, unless secondary measures are
applied. Since oxygen consumption is usually complete, the C/O ratio
moves to infinity along the reactor. The pyrolytic conditions will eventu-
ally lead to the production of the coke precursors: ethylene and propyl-
ene. Even when the production of the olefins is on a ppm level, the
accumulative effect may lead to coking problems after a certain time of
operation of a technical system.

Aside from pure CPOX operation, the addition of steam and/or
exhaust of, for instance, a downstream-operated fuel cell stack may be
beneficial not only to efficiency due to improved heat balances but also to
prevention of coking. However, it has to be taken into account that the
oxygen in H,O and CO, may reveal a different reactivity than the oxygen
of molecular O, (Kaltschmitt ef al., 2012).

ATR, and SR even more, moves the operation away from the coking
region, which was also observed by Thormann et al. (2009, 2008a,b) for SR
of diesel and hexadecane over Rh/CeO, catalysts in a microreactor.

4.3 Product clean-up and optimization—Shift catalysts and
CO polishing

Syngas produced from a hydrocarbon fuel source contains hydrogen, car-
bon monoxide, water, and carbon dioxide as major components, depending
on the fuel-to-oxygen (C/O) ratio at which the fuel processor is operated.
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Using such kind of syngas for fuel cell application, further final conditioning
of the syngas is required for maximum fuel cell power output.

High-temperature fuel cells such as solid oxide fuel cell (SOFC) and
molten carbonate fuel cell (MCFC) are insensitive to CO and can convert
both H, and CO to electrical power. The removal of CO in the syngas is
vital for polymer electrolyte fuel cells, because blockage of the active sites
in the anode material (often platinum) occurs due to the low operation
temperature. Typically, CO conditioning down to <10 ppm levels has to
be realized when providing a hydrogen-rich syngas derived from a pri-
mary fuel. Technologies for CO removal from the syngas fuel stream are
the WGS reaction, preferential oxidation (PrOX), selective methanation of
CO (SMET), and membrane filters.

The WGS reaction is a well-known process technology used in indus-
trial and refinery scale. Conventional WGS can be processed in
two stages: a high-temperature stage (HTS), using Fe—Cr-based catalysts,
and a low-temperature stage (LTS), using Cu-Zn-Al,Oz-based
catalysts. Combining both stages can reduce the CO content in the gas
stream down to approximately 1 vol.% at a relevant temperature of about
200 °C. The WGS reaction is an equilibrium-controlled, mildly exothermic
reaction. Therefore, the H, content in the syngas, S/C ratio, and tempera-
ture have significant influence on the equilibrium. A critical review on
WGS catalysis is provided by Ratnasamy and Wagner (2009). In terms of
fuel cell application, precious metal catalysts are of great interest due to
their much higher activity compared to the conventional catalyst systems.
Therefore, they reduce catalyst bed volume and weight, and make the
overall process more economical. Ceria- and titanium-supported plati-
num catalysts have been studied extensively (Ghenciu, 2002; Ratnasamy
and Wagner, 2009; Ruettinger et al., 2006), operating in a temperature
regime of about 250400 °C. Pd-Zn-based (250-300 °C) (Dagle et al., 2008)
and Au-based catalysts (150-250 °C) (Ratnasamy and Wagner, 2009;
Senanayake et al., 2009; Zane et al., 2009) are promising catalyst systems
on WGS reaction but industrial stage has not yet been reached.

High-temperature WGS is usually operated in a temperature range of
about 320450 °C and removes CO down to a level of 3—4 vol.% (dry basis)
in the effluent. The temperature should not exceed 500 °C to avoid cata-
lyst sintering. Small amounts of sulfur contained in the feed stream of
<100 ppm are tolerated by conventional Fe-based catalyst systems.

Low-temperature WGS is operated in a temperature range of about
180-240 °C due to sintering of the Cu sites and lowering Cu dispersion.
LTS typically reduces the CO content in the effluent of a HTS down to
0.3-1 vol.% due to the temperature limitations of commercial available
Cu-Zn catalysts. For PEMFC usage, this content is still too high and
further CO removal has to be carried out.
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Preferential oxidation of carbon monoxide (PrOX) has been consid-
ered a promising technology for CO removal to reach CO concentra-
tions below 10ppm in order to meet requirements for PEMFC
operation in nonstationary applications (Bion et al., 2008). Originally,
Pt-based catalysts were used for selective oxidation of CO in the
presence of hydrogen (Park et al., 2009). Later on, Oh and Sinkevitch
reported that Ru/Al,O; and Rh/Al,O; were more selective catalyst
systems compared to Pt/Al,O; (Oh and Sinkevitch, 1993). Today,
several metal oxide catalyst systems are under investigation, which
are more active for the oxidation of CO than H,. CuO-CeO, has been
reported to be quite active for PrOX, with high CO conversion up to
99%. Accurate preparation methods and preconditioning parameters
have to be followed since the reduction/oxidation processes on both
cupper and ceria are responsible for the high activity of these catalysts
(Avgouropoulos and loannides, 2006). Au-based catalysts show high
conversion in PrOX at low temperatures, but no catalyst has been
reported to show activity stable enough to meet acceptable CO conver-
sion over a longer period of time under realistic reaction conditions
(Bion et al., 2008). Monometallic platinum catalysts show noticeable
activity in PrOX at temperatures above 150 °C. Nevertheless, complete
removal of CO cannot be accomplished due to the platinum activity in
reverse WGS chemistry at temperatures above 150 °C (Bion et al., 2008).
Several types of platinum and other noble metal-based (Rh, Ru, and
Pd) catalysts on different supports (alumina, silica, and zeolites) have
been reported, but only a few have been identified to reach acceptable
CO conversion with a wide temperature window under realistic reac-
tion conditions. A review on recent catalyst systems was given by Park
et al. (2009) and Bion et al. (2008).

Selective methanation of CO and H, selective membranes are another
possibility to remove CO from the reformer effluent gas (Park et al., 2009).
Selective methanation can be carried out over various hydrogenation
catalysts in the presence of CO, CO,, and H,. Since the methanation
reaction is highly exothermic, precise temperature control of the process
is crucial, otherwise reverse WGS can occur at high resident times. Ru and
Rh supported on alumina are reported to be good catalysts for selective
methanation even in the presence of CO,. Furthermore, Ni-based cata-
lysts have been tested with high activities. Takenaka et al. showed that a
reduction of 0.5 vol.% down to 20 ppm CO is possible (Takenaka et al.,
2004). Nevertheless, CO concentrations below 10 ppm were not reachable
with selective methanation.

Pressure swing adsorption for gas purification is often performed in
large-scale stationary plant processing. Since this is no technology for
small-scale fuel cell applications, no more attention is paid to this.
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5. CURRENT TECHNOLOGIES

In this subsection, we describe a few recent developments in the field of
complete fuel processor—fuel cell—power unit as well as already com-
mercialized systems; this is not, by any means, a complete overview.
Independent of a special reformer unit, some requirements have to be
met. In aviation, applications reliability and efficiency are the major
requirements in connection with a reformer unit, whereas in automotive
applications, a compact size and weight reduction are important. Appli-
cations for undersea and/or aerial vehicles have to meet all four require-
ments. Since there is no commercialized product on the market, which
meets all mentioned points, further R&D is needed both on catalyst
improvements and reaction engineering, supported by mathematical
modeling.

5.1 Field of application

Depending on the power size of the fuel cell stack, different fields of
application can be identified. They can be roughly divided into five
different applications on the basis of their electrical power demand.

The most common usage of a fuel processor/fuel cell unit is in large-
scale power plants, where they are operated in the MW range for on-site
power and grid support. The plant consists of a complete fuel processing
system, including fuel storage, fuel reformer, gas clean-up, fuel cell assem-
bly, and DC/AC converter unit. Commercial fuel cell stacks integrated in
such plants are already commercially available and generate about
181 MW overall electrical power in the USA. Commercialized products
currently available on the market in size of power plant classification are,
for instance, DirectFuelCell® and PureCell®. Both technologies operate
with SOFC or MCFC units for electricity production, combined with either
a natural gas or a liquefied natural gas steam reformer.

A second prevalent field of application is the usage in back-up sys-
tems. The fuel cell unit is coupled in parallel to the existing power supply,
charging batteries or supplying electrical power in case of power outage.
Typical power supply is several kW, produced mainly from compressed
hydrogen with PEMFC.

Combined heat and power systems are designed for residential usage
in houses and buildings. Waste heat of the SOFC unit is used for water
boiling, coming up with an thermal efficiency of 90% (Kleiber-Viglione,
2011) compared to about 30-40% electrical efficiency of the fuel cell stack
itself (Wendt, 2005). For residential application, natural gas or LPG is the
preferential primary fuel, combined with an ATR.
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Ceramic Fuel Cells Limited’s BlueGen® technology is a commercia-
lized product in this field of application, which is sold in the European
and US market (Rowe and Karl, 2011).

In the field of mobile applications, APUs are under rapid development
by industry and research science. Their electrical power ranges from 1 to
5kW, in special cases even up to 500 kW. APUs consist of an on-board
reformer coupled to a fuel cell and are operated with liquid hydrocarbons,
mainly diesel fuel, carried on-board of the vehicle. Currently, inefficient
electricity generation is applied by idling of the internal combustion engine,
by which one billion gallons of diesel fuel (Mintz et al., 2000) are consumed
annually in the USA. The main problems preventing commercialization
still are the coking behavior of such systems fuelled with liquid hydrocar-
bons, thermal management including the long start-up period, and the
sulfur content in the fuel. New developments are under construction and
were successfully tested in different mobile applications, for instance Del-
phi Corp. USand AVL List GmbH got their APU systems to field test status
(Hennessy, 2011; Rechberger, 2011). With, for example, SchIBZ (e4ships
2009) and MC-WAP (CETENA S.p.A. 2004), two international projects are
dealing with the development of diesel-powered 500 kW APU systems for
maritime application using SOFC and MCEFC fuel cells.

The last identified field of application deals with the replacement of
conventional batteries with portable electronics, and with, for example,
lift trucks in the section for material handling equipment. Power packs for
consumers based on DMFCs, ranging from mW to a scale of several Watt,
can be used for mobile computing and cell phone charging but are only
available on research level so far. Micro fuel cell technology is used to
reduce reformer/fuel cell volume and weight. For PEMFCs, Ballard
FCGen® and FCvelocityTM fuel cell stacks (Plug and Power GenDrive )
are widely used in the USA for lift trucks, combined with a compressed
hydrogen tank (Simon, 2011). Apart from the PEMFC stack itself, research
is performed on the water handling issues for these fuel cell types. Typical
problems include flooding of the fuel cell exhaust with produced water.

Air-independent power and energy solutions are developed for strate-
gic autonomous undersea vehicles. Due to their small size, low weight, and
reliability, PEMFC and DMEFC are under development. Fast and simple
start-up is achieved by providing H, from liquid metal hydride solutions,
for example, NaBH,, LiAlH,4, and O, from liquid oxygen (Fontaine, 2011).

5.2 Fields of application for fuel cell types

For each application, specified boundary conditions have to be taken into
account when choosing the type of fuel cell. SOFC and MCFC have high
working temperatures above 600 °C and need thermal management and
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an efficient BOP. Therefore, these types of fuel cells are normally used
with fuel processors, generating waste heat and a hot reformat gas which
is used to supply the fuel cell stack with heat. Due to the high tempera-
ture, these types of fuel cells are insensitive to carbon monoxide in the
reformate and handle most syngas reformates produced typically for SR,
ATR, and CPOX fuel processors without further CO clean-up/polishing.
Nevertheless, desulfurization has to be carried out to protect the reform-
ing catalysts from poisoning.

PEMECs are usually used in the power range of a few watts to several
kW, depending on the application. In most available systems, compressed
hydrogen is used as feed fuel, stored in a tank next to the fuel cell stack.
No further gas purification is needed since no primary fuel source is used.
Otherwise, desulfurization and CO clean-up have to be taken into account
when using PEMFC stacks. PEMFCs are normally operated in the tem-
perature range of 60-120 °C. High-temperature PEMFCs can be used up
to 180 °C, depending on the electrolyte used in the cell. PEMFCs have a
stringent demand on CO removal down to 10 ppm or less for stable
operation. High-temperature PEMFCs can handle up to 100 ppm CO
content in the feed gas.

For a smaller power demand, DMFCs are mainly used in the power
range of 1 mW to about 20 W for portable electronics power packs. Using
microreactor technology, a compact design and low weight can be achieved
with operational temperatures from room temperature up to 90 °C. Metha-
nol has to be contained in the fuel cell system.

5.3 Balance of plant

For a fully operational fuel processor system, not only the reformer and
the fuel cell stack are relevant; instead, multiple components are needed
around the reformer/fuel cell assembly such as sensors, electronic con-
trols, pumps, start-up power sources, burners, heat exchangers, steam
generators, sulfur removal units, water recovery unit, thermal insulation,
and filters. Since this section gives a short overview, technical specifica-
tions of each component are not mentioned. Nevertheless, as fuel proces-
sing is sensitive to the maintaining of constant flow rates and ratios of
fuel/air/steam for high efficiency, high demands are made on each
component. Especially at high temperatures, accurate flow control is
essential to avoid temperature drift or peaks in order to observe material
limits and safety issues.

The BOP can roughly be divided into three sections: upstream and
downstream of the reformer/stack unit, and the control system. The fuel
feed management consists of fuel pumping, atomization, evaporation, air
control, and homogeneous mixing of the reactants to provide accurate
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pulse-free feed flows. In case of gaseous fuels, flow control is quite easy to
handle, whereas atomization, evaporation, and mixing of liquid fuels in
air are more challenging. Fuel breakthrough and precombustion of the
fuel have to be avoided when it is mixed with air, otherwise coking of the
reformer system and of the downstream fuel cell stack is unavoidable,
which will lead to system failure in the end. Depending on the fuel cell
stack, the reformat temperature has to be controlled for downstream shift,
PrOX reactors, or fuel cells with lower operation temperature. Several
heat exchanges can be implemented in a fuel processor system, recycling
energy by preheating inlet flows from the hot anode exhaust gas stream or
condensing steam for water recycling. In high-temperature fuel cells,
even the cathode air stream has to be preheated to avoid thermal shock
of the stack, but energy still has to be taken out of the stack to prevent
overheating. Especially in high-temperature fuel cells, high demands are
made on insulation materials since most pumps, blowers, and end elec-
tronic components are not suitable for higher temperature environments.
Ceramic materials such as zirconia, alumina, and silica are often used as
insulation materials due to their low thermal conductivity and weight.
For a successful commercial implementation of fuel processor systems, a
sophisticated BOP of the various components is necessary.

6. APPROACHES FOR MODELING FUEL PROCESSING

This section focuses on the modeling and simulation approaches for
analyzing heterogeneously catalyzed gas-phase reactions and their inter-
action with the surrounding flow field, as occurring in fuel reformers for
the production of hydrogen and hydrogen-rich synthesis gases. Under-
standing and optimization of these heterogeneous reactive systems
require the knowledge of the physical and chemical processes taking
place on a molecular level. In particular at short contact times and high
temperatures, reactions occur on the catalyst and in the gas phase. Con-
sequently, the interactions of mass and heat transport with heterogeneous
and homogeneous chemistries become even more important.

Monolithic reactors are frequently used for SR, POX, and ATR of
hydrocarbon fuels and can therefore serve as an example. Figure 9 illus-
trates the physical and chemical processes in a high-temperature catalytic
monolith that glows at a temperature of around 1000 °C due to the
exothermic oxidation reactions. In each channel of the monolith, the
transport of momentum, energy, and chemical species occurs not only
in flow (axial) direction, but also in radial direction. The reactants diffuse
to the inner channel wall, which is coated with the catalytic material,
where the gaseous species adsorb and react on the surface. The products
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Figure 9 Sketch of the physical and chemical processes occurring in a catalyst-coated
honeycomb monolith. Many length and time scales have to be considered simulta-
neously reaching from a scale of nanometer and picosecond (e.g., surface reactions),
to one of micro/millimeter and micro/millisecond (e.g., internal/external diffusion),
and to one of centimeter and second (e.g., heat transport in solid structures); taken from
Janardhanan and Deutschman (2011).

and intermediates desorb and diffuse back into the bulk flow. Due to the
high temperatures, the chemical species may also react homogeneously in
the gas phase. In catalytic reactors, the catalyst material is often dispersed
in porous structures such as washcoats or pellets. Mass transport in the
fluid phase and chemical reactions are then superimposed by diffusion of
the species to the active catalytic centers in the pores. The temperature
distribution depends on the interaction between heat convection and
conduction in the fluid, heat generation/consumption due to chemical
reactions, heat transport in the solid material, and thermal radiation. Both
variation of the feed conditions in time and space and heat transfer
between the reactor and the ambience result in a nonuniform temperature
distribution over the entire monolith, which means that the behavior will
differ from channel to channel (Windmann et al., 2003).

The challenge in catalytic fuel processing is not only the development
of new catalysts to obtain the desired product, but also the understanding
of the interaction of the catalyst with the surrounding reactive flow field.
Sometimes, the use of these interactions alone can lead to the desired
product selectivity and yield. For detailed introductions into transport
phenomena and their coupling with heterogeneous reactions, readers are
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referred to references (Bird et al., 2001; Hayes and Kolaczkowski, 1997;
Kee et al., 2003; Patankar, 1980; Warnatz et al., 1996) and (Deutschmann,
2008, 2011; Kee et al., 2003), respectively.

In the remainder of this section, the individual physical and chemical
processes and their coupling will be discussed, beginning with the reac-
tions on the solid catalyst.

6.1 Modeling the rate of heterogeneous catalytic reactions

The understanding of the catalytic cycle in fuel reformers is a crucial step
in reformer design and optimization. The development of a reliable
surface reaction mechanism is a complex process, which is today increas-
ingly based on the elucidation of the molecular steps. A survey on state-
of-the-art modeling of heterogeneously catalyzed gas-phase reactions can
be found in Deutschmann (2011).

The catalytic reaction cycle can be expressed by a heterogeneous
reaction mechanism, which consists of a set of K, chemical reactions
among N gas-phase species, N, species adsorbed on the top catalyst
layer, and N bulk species absorbed by the catalyst particle; species
name is denoted by A;:

Ng+Ns+Np Ng+Ns+Np
’ "
E VA — E v ikAi, (27)
=1 =1

with vy, v being the stoichiometric coefficients. In technical sys-
tems, the mean-field (MF) approximation is the most frequently applied
approach for calculating the chemical reaction rates of the individual
reactions in the mechanism (Deutschmann, 2008). In this concept, the
local reaction rate is related to the size of the computational grid in the
flow field simulation, assuming that the local state of the active surface
can be represented by mean values for the cells of the computational
grid. Hence, this model does not resolve any spatial inhomogeneity in
this cell on the catalytic surface as Monte-Carlo simulation would do.
In the MF approximation, the state of the catalytic surface is described by
the temperature T and a set of surface coverages 0;, which is the fraction
of the surface covered with surface species i. The surface temperature
and the coverage depend on time and the macroscopic position in the
reactor, but are averaged over microscopic local fluctuations. The local
chemical source term, R'!, is derived from the molar net production
rate, $;, by

K. Ng+N5+Nb
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R?et = nFcat/geoSiMi = nFcat/geoMi Z Vikkfk H C]' " (28)
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Here, K; is the number of surface reactions, c; are the species concen-
trations, which are given, for example, in mol m~ 2 for the N, adsorbed
species and in mol m~? for the Ng and Ny, gaseous and bulk species.

The molar net production rate of gas-phase species i, 3;, given in
mol m™?s™ ', refers to the actual catalytically active surface area, that is,
the (crystal) surface of the catalyst particle, which usually has the size of
1-10° nm. These catalyst particles are usually dispersed in a certain struc-
ture, for instance, they may occur as dispersed particles on a flat or in a
porous substrate or pellet. The simplest way to account for this structure
and the total active catalytic surface area in a reactor simulation is the
scaling of the intrinsic reaction rate at the fluid-solid interphase by two
parameters. The first parameter, Fe.t/geo, represents the amount of the total
active catalytic surface area in relation to the geometric surface area of the
fluid-solid interphase. Recently, it has been shown that this ratio (Feat/geo)
can also serve as a parameter to describe the dependence of the overall
reaction rate on catalyst loadings and on effects of hydrothermal aging for
structure-insensitive catalysts (Boll et al., 2010). An alternate representation
of the total catalytic surface area is the volume-specific catalyst surface area,
which is related to the reactor or porous media volume.

The simplest model to include the effect of internal mass transfer
resistance for catalysts dispersed in a porous media is the effectiveness
factor, n;, based on the Thiele modulus (Hayes and Kolaczkowski, 1997;
Papadias et al., 2000). In case of infinite fast diffusion of reactants and
products in the porous structure, the effectiveness factor becomes unity.

According to Equation (28) and the relation ®;=c;o;,I" ', the variations
of surface coverage follow

00 _sioi (29)
o I

Here, the coordination number ¢; gives the number of surface sites
which are covered by the adsorbed species. Since the binding states of
adsorption of all species vary with the surface coverage, the expression
for the rate coefficient, ks, is commonly extended by coverage-dependent
parameters p;and ¢; (Coltrin ef al., 1991; Kee et al., 2003):

k., AkTﬁkexp[ akh‘[@"k [*”k } (30)

Here, Ay is the pre-exponential factor, i is the temperature exponent,
and E,, is the activation energy.

A crucial issue with many of the mechanisms published is thermody-
namic (in)consistency. Even though most of the mechanisms lead to
consistent enthalpy diagrams, many are not consistent regarding the
entropy change in the overall reaction due to lack of knowledge of the
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transition states of the individual reactions, and therefore of the pre-
exponentials in the rate equations. It should be noted that fuel cell
modeling strictly requires thermodynamically consistent kinetics, for
instance, for modeling the internal fuel reforming in an anode of an
SOFC. Lately, optimization procedures enforcing overall thermodynamic
consistency have been applied to overcome this problem (Maier et al., 2011b;
Mhadeshwar et al., 2003).

The development of a reliable surface reaction mechanism is a com-
plex process (Figure 10) which is usually conducted by establishing
models for chemical subsystems and subsequent coupling of these sub-
mechanisms. In general, mechanism development starts with a tentative
reaction mechanism based on experimental surface science studies, on
analogy to gas-phase kinetics and organometallic compounds, and on
theoretical studies, increasingly including density functional theory and
Monte-Carlo simulations as well as UBI-QEP (Shustorovich and Sellers,
1998) methods. This mechanism should include all possible paths for the
formation of the chemical species under consideration in order to be
“elementary-like’” and thus applicable under a wide range of conditions.
The idea of the mechanism then needs to be evaluated by an extensive
amount of experimentally derived data, which are compared to theoretical
predictions based on the mechanism. Here, the simulations of the labora-
tory reactors require appropriate models for all significant processes in
order to evaluate the intrinsic kinetics. Sensitivity analysis leads to the
crucial steps in the mechanism, for which refined kinetic experiments and
data may be needed. It should be noted that, in general, the reaction

Surface science studies Analogy to gas-phase Theory
(TPD, XPS, AES, TEM, FEM, FIM kinetics, organometallics (ab initio, DFT, UBI-QEPR,
STM, SFG ...) transition state theory, etc.)
Mechanism (idea)
Lab experiments Modeling of lab reactors
(conversion selectivity, (incluc!ing‘appropriate models for gas-
ignition/extinction temperatures, phase kinetics and heat & mass transport
spatial & temporal profiles,
coverage)
L Sensitivity analysis &
evaluation of crucial
Comparison of measured and computed data | parameters

Revised mechanism

Figure 10 Survey of the methodology of the development of a surface reaction
mechanism (Deutschmann, 2008).
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kinetics and even the mechanism also depend on many parameters of the
catalytic system, such as catalyst particle size and morphology, catalyst
pretreatment, catalyst oxidation state, kind and structure of support mate-
rial, use of additives, and so on.

Here, sensitivity analysis is the computation of the derivatives of the
dependent variables (selectivity, conversion, local concentrations, cov-
erages, temperature, etc.) y; upon the system variables (rate parameters,
transport coefficients, etc.):

Sij :%}’ (31)

The sensitivity coefficients, s;;, can be computed by several techniques
(Campbell, 2001; Coltrin et al., 1991; Deutschmann, 1996).

Especially oxidation and reforming reactions have been modeled exten-
sively by using the MF approach. Since these mechanisms are based on
molecular processes, they can be set up to cover all significant macroscop-
ically observed reactions, such as POX and total oxidation, SR and DR, WGS
reactions, and pyrolysis. For example, Table 5 shows the reaction steps with
the corresponding rate coefficients used for SR of methane over Ni (Maier
et al., 2011b). Several of those mechanism, which are relevant for processing
different fuels such as methane (Aghalayam et al., 2003; Bui et al., 1997;
Deutschmann et al., 1996; Dogwiler et al., 1999; Hickman and Schmidt,
1993b; Veser et al., 1997) and ethane (Donsi et al.,, 2005, Huff and
Schmidt, 1993; Huff et al., 2000; Zerkle et al., 2000) over Pt, and for the
formation of hydrogen and synthesis gas over Rh from different hydrocar-
bons (Hartmann et al., 2010; Hecht ef al., 2005; Hickman and Schmidt, 1993b;
Schwiedernoch et al., 2003; Thormann et al., 2009), have been developed in
the last decade. Adsorption and desorption of radicals are often included in
the mechanism. These reactions of intermediately formed species are signif-
icant not only for the heterogeneous reaction but also for homogeneous
conversion in the surrounding fluid. In most cases, the catalyst acts as sink
for radicals produced in the gas phase, and hence radical adsorption slows
down or even inhibits gas-phase reaction rates. The interaction between
homogeneous and heterogeneous reactions in high-temperature catalysis
is still not well-understood; for instance, a recent experimental study has
revealed that significant amounts of olefins occur even in the fluid phase of
tiny catalytic channels in CPOX of propane (Donazzi et al., 2011).

6.2 Modeling the rate of homogeneous reactions in the gas phase

In many catalytic fuel reformers operated at high temperature, the reac-
tions do not exclusively occur on the catalyst surface but also in the fluid
flow. Whenever C, .. species are involved in high-temperature reforming,
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Table 5 Surface reaction mechanism for steam reforming over Ni following the
mean-field approximation, taken from www.detchem.com

4

Reaction A [ecm, mol, s] E, [k)/mol] pl-]
R1  H,+2Ni(s) —2H(s) 1.000x10°2 0.0 0.0
R2  2H(s)—2Ni(s)+H, 2.545x 1071 81.21 0.0
R3  O,+2Ni(s) —20(s) 1.000x 1072 0.0 0.0
R4 20(s)—2Ni(s) + O, 4283 %1072 474.95 0.0
R5 CH,4+Ni(s) — CHy(s) 8.000x107° 0.0 0.0
R6 CHy(s)— CH,+Ni(s) 8.705x 10"1° 37.55 0.0
R7 H,O+Ni(s) — H,O(s) 1.000x10"* 0.0 0.0
R8 H,O(s)— H,O+Ni(s) 3.732x107% 60.79 0.0
R9  CO,+Ni(s) — CO,(s) 1.000x10°° 0.0 0.0
R10 CO,(s) —CO,+Ni(s) 6.447 x10"7  25.98 0.0
R11 CO+Ni(s) —CO(s) 5.000x 1071 0.0 0.0
R12 CO(s) —CO+Ni(s) 3.563x 107" 111.27 —500c0e) 0.0
R13 CHy(s)+Ni(s) — CHs(s)+H(s) 3.700x10"2! 57.7 0.0
R14 CHg(s)+H(s)— CHi(s)+Ni(s) 6.034 x10"%1 61.58 0.0
R15 CHjs(s)+ Ni(s)— CHx(s)+H(s) 3.700 x 107>* 100.0 0.0
R16 CHy(s)+H(s) —CHjs(s)+Ni(s) 1.293x107** 55.33 0.0
R17 CHy(s)+Ni(s) —CH(s)+H(s) 3.700x10"%* 97.10 0.0
R18 CH(s)+H(s)—CHx(s)+Ni(s)  4.089 x 10"** 79.18 0.0
R19 CH(s)+Ni(s) — C(s)+ H(s) 3.700x 107! 18.8 0.0
R20 C(s)+ H(s)— CH(s) + Ni(s) 4562 %1072 161.11 0.0
R21 CHy(s)+O(s) — CHs(s)+ OH(s) 1.700x107%* 88.3 0.0
R22 CHs(s)+OH(s) — CHy(s)+O(s) 9.876 x10"?* 30.37 0.0
R23 CHs(s)+O(s) — CH,(s)+OH(s) 3.700x10"%* 130.1 0.0
R24 CHy(s)+OH(s) — CHjs(s)+O(s) 4.607 x 10721 23.62 0.0
R25 CHy(s)+O(s)— CH(s)+OH(s) 3.700x107** 126.8 0.0
R26 CH(s)+OH(s)— CHy(s)+O(s) 1.457x107%* 47.07 0.0
R27 CH(s)+O(s) — C(s) +OH(s) 3.700 x 1072 48.1 0.0
R28 C(s)+OH(s)— CH(s) +O(s) 1.625x 1072 128.61 0.0
R29 H(s)+O(s) — OH(s) + Ni(s) 5.000 x 1072 97.9 0.0
R30 OH(s)+Ni(s) — H(s)+ O(s) 1.781x 1072 36.09 0.0
R31 H(s)+OH(s) — H,O(s)+Ni(s)  3.000x1072° 42.7 0.0
R32 H,O(s)+Ni(s)—H(s)+OH(s) 2.271x 107! 91.76 0.0
R33 OH(s)+OH(s)— H,0(s)+O(s) 3.000 x10"%' 100.0 0.0
R34 H,O(s)+O(s)—OH(s)+OH(s) 6.373x10"%® 210.86 0.0
R35 C(s)+O(s) — CO(s) +Ni(s) 5.200x 107> 148.1 0.0
R36 CO(s)+Ni(s) — C(s)+O(s) 1.354x 10"%* 116.12—500c0i —3.0
R37 CO(s)+O(s) —COx(s) +Ni(s)  2.000x 10" 123.6 —500co 0.0

(continued)
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TABLE 5 (continued)

Reaction A [cm, mol, s] E, [k)/mol] S -]
R38 CO,(s)+Ni(s) = CO(s)+O0(s)  4.653x 107> 89.32 -1.0
R39 CO(s)+H(s) —HCO(s) +Ni(s) 4.019x1072° 132.23 -1.0
R40 HCO(s) +Ni(s) — CO(s) +H(s)  3.700 x 107" 0.0+500c0cs) 0.0
R41 HCO(s)+Ni(s) - CH(s) +O(s) 3.700x 10"%* 95.8 -3.0
R42 CH(s)+0(s) —HCO(s) +Ni(s) 4.604x10%%° 109.97 0.0

significant conversion in the gas phase can occur even at atmospheric
pressure. Only in the case of methane reforming, gas-phase reactions can
be neglected at pressures up to 10 bars, but not above. Consequently, any
simulation of a fuel processor should include an appropriate model for
the homogeneous kinetics along with the flow models. Various reliable
sets of elementary reactions are available for modeling homogeneous gas-
phase reactions, for instance for total oxidation and POX, and pyrolysis of
hydrocarbons (Warnatz et al., 1996). In a recent study, Maier et al. com-
pared four detailed gas-phase reaction mechanisms concerning their abil-
ity to predict homogeneous fuel conversion in CPOX of iso-octane and
found qualitative but not quantitative agreement between modeling and
experimentally determined conversion (Maier ef al., 2011a).

In the species mass balance equation, the chemical source term due to
homogeneous gas-phase reactions,

Ng Ng
D VA=Y v A, (32)
i=1 i=1

is expressed by

RPom = MZ( kvzk)AkTﬁkexp[ ak] Hc] ) (33)

6.3 Coupling of chemistry with mass and heat transport

The chemical processes at the surface can be coupled with the surround-
ing flow field by boundary conditions for the species-continuity equations
at the gas—surface interface (Coltrin et al., 1991; Kee et al., 2003):

—
w ( j j‘f'p?Stein) = Rbet (34)

The calculation of the diffusive flux at the gas—surface interface due
to adsorption and desorption of reactants and products, respectively,
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requires knowledge of the amount of catalytically active surface area as
discussed above. The total catalytically active surface area of a metal
catalyst is determined experimentally, for example, by chemisorption
measurements. The effect of internal mass transfer resistance of the cata-
lyst, dispersed in the usually applied porous washcoat, can be included
by an effectiveness factor (Equation (34); Hayes and Kolaczkowski, 1997;
Papadias et al., 2000). However, more accurate models such as the Dusty
Gas Model often need to be applied for an accurate description of the
local reaction rate. For more detailed models for transport in porous
media, readers are referred to the chapter 6 by Kee et al. within this
book and to the relevant literature (Deutschmann et al., 2001; Kee et al.,
2003; Keil, 1999, 2000; Mladenov et al., 2010).

Even though the implementation of elementary reaction mechanisms in
fluid flow models is straightforward, an additional highly nonlinear cou-
pling is introduced into the governing equations leading to considerable
computational efforts. The nonlinearity, the very large number (thousands)
of chemical species occurring in the reforming of logistic fuels and even in
fuel surrogates, and the fact that chemical reactions exhibit a large range of
time scales, in particular when radicals are involved, render the solving
of those equation systems challenging. In particular for turbulent flows, but
sometimes even for laminar flows, the solution of the system is too CPU
time-consuming with current numerical algorithms and computer capaci-
ties. This calls for the application of reduction algorithms for large reaction
mechanisms, for instance by the extraction of the intrinsic low dimensional
manifolds of trajectories in chemical space (Maas and Pope, 1992), which
can be applied to heterogeneous reactions (Yan and Maas, 2000). Another
approach is to use ““as little chemistry as necessary.” In these so-called
adaptive chemistry methods, the construction of the reaction mechanism
only includes steps that are relevant for the application studied (Susnow
et al., 1997).

6.4 Modeling the dynamics of monolithic catalytic reformers

The catalyst-coated monolithic structure given in Figure 3.1 shall serve as
an example of modeling a fuel processor (Maier ef al., 2011a). An efficient
approach for modeling such monolithic structures is based on the combi-
nation of simulations of a representative number of single channels with
the simulation of the temperature profile of the solid structure, treating
the latter one as a continuum (Tischer and Deutschmann, 2005; Tischer
et al., 2001). This approach has been implemented, for instance, in the
computer code DETCHEMMONOUTH (Deytschmann et al., 2008), which
can be used to model the dynamic behavior of catalytic monoliths. The
code combines a transient three-dimensional simulation of a catalytic
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monolith with a two-dimensional model of the single-channel flow field,
based on the boundary layer approximation. It uses detailed models for
homogeneous gas-phase chemistry as well as for heterogeneous surface
chemistry and contains a model for the description of pore diffusion in
washcoats.

The numerical procedure (Figure 11) is based on the following ideas:
The residence time of the reactive gas in the monolith channels is much
smaller than the dynamics of the inlet conditions (temperature, mass flow
rate, composition) and of the temperature of the solid monolith structure.
Particularly in oxidative conversion (POX, ATR), the gas residence time
is usually in the order of milliseconds, while the inlet conditions and
the temperature of the solid vary in the order of seconds. Under these
assumptions, the time scales of the channel flow are decoupled from
the dynamics of the temperature of the solid, and the following procedure
can be applied: A transient multidimensional heat balance is solved for
the monolithic structure, including the thermal insulation and reactor
walls, which are treated as a porous continuum. This simulation of the
heat balance provides the temperature profiles along the channel walls.
At each time step, the reactive flow through a representative number of
single channels is simulated, including detailed transport and chemistry
models. These single-channel simulations also calculate the heat flux from
the fluid flow to the channel wall due to convective and conductive heat
transport in the gaseous flow and heat released by chemical reactions.

MONOLITH Y ¥
Temperature of the solid structure @
by a 2D / 3D heat balance
A
L Temperature profile | | |oat source term sseressseem i soa G arare e smses s
Steady state at the wall ' Residence time < 100 ms

CHANNEL

2D flow field simulations of a representative number of

channels using a boundary-layer approach -
— I

Gas-phase concentrations )
temperature Chemical source term

Y
DETCHEM

Detailed homogeneous & heterogeneous reaction
mechanisms and calculation of surface coverage

Figure 11  Structure of the code DETCHEM™®N™ (Deutschmann et al., 2008).
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Thus, at each time step, the single-channel simulations provide the source
terms for the heat balance of the monolith structure, while the simulation
of the heat balance provides the boundary condition (wall temperature)
for the single-channel simulations. The inlet conditions may vary at each
time step. This very efficient iterative procedure enables a transient simu-
lation of the entire monolith without sacrificing the details of the transport
and chemistry models, as long as the prerequisites for the time scales
remain valid (Tischer et al., 2001). Furthermore, it is possible to deal with
reactors with alternating channel properties, such as flow directions,
catalyst materials, and loadings.

6.5 Mathematical optimization of reformer design and
operating conditions

In reforming reactors, C/O ratio, steam addition, exhaust recycling, tem-
perature, pressure, and residence time can be used to optimize conversion
and selectivity and to avoid formation of harmful by-products. Further-
more, the catalyst loading along the channel can be varied, or even different
active components and washcoat structures may be used. Recently, a new
mathematical algorithm was developed in order to optimize not only the
operating conditions but also the catalyst loading (Minh et al., 2008a,b; von
Schwerin et al., 2000). This computational tool was applied to optimize
catalytic oxydehydrogenation of ethane at high temperatures and short
contact times by Minh et al. (2008b). In their study, radical interactions in
gas and surface chemistry were shown to play a decisive role in yield
increase. These tools may support design and operation of catalytic fuel
reformers in the near future.

7. APPLICATIONS OF MODEL-BASED APPROACHES

71 Understanding the reaction networks of fuel reforming

Model-based optimization of the reformer design and operating condi-
tions relies on the understanding of the chemical reaction network and
the associated kinetics. Two examples will be discussed to illustrate the
efforts and the time it takes to reach this kind of understanding: the
oxidative reforming of methane and of iso-octane serving as fuel surro-
gates for natural gas and gasoline, respectively. In both cases, the catalyst
applied is a rhodium/alumina-coated honeycomb monolith. In both
examples, the processes in a single channel of the monolith are analyzed.
Even though it is possible to find a set of experimental data using the
sufficiently large number of adjustable kinetic parameters of a global
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reaction scheme, such as the one given in Section 4.2, little insight can be
gained from such a lumped mechanism. Therefore, it is recommended to
apply chemical models based on elementary-step reaction mechanisms
for understanding the reaction routes.

711 Reaction networks in the reforming of methane
For reaching a profound understanding of the reaction mechanism of
synthesis gas formation from methane by SR, POX, ATR, and DR, the
sequence and interaction of the reaction routes have to be analyzed for
the combined POX-SR-DR systems, because the conditions in any flow
reactor vary along the flow directions, covering a wide range of mixture
compositions and leading to quite diverse local reaction rates. There has
been a long discussion in literature on the reaction routes in CPOX of
methane over Rh and Pt catalysts at short contact times (Deutschmann
et al., 2001; Hickman and Schmidt, 1993a,b; Horn et al., 2007, 2006;
Schwiedernoch et al., 2003). The crucial point of this discussion was on
the formation route of hydrogen. One possible route is direct POX. The
other one is an indirect route, in which, at first, total oxidation occurs and
subsequently hydrogen is formed by SR of the remaining fuel. Detailed
reaction schemes for the CPOX of methane over platinum and rhodium,
which also include steps for SR, were published by Schmidt ef al. (Hickman
and Schmidt, 1993b), Vlachos et al. (Maestri et al., 2008; Mhadeshwar and
Vlachos, 2005, 2007; Mhadeshwar et al., 2003), and Deutschmann et al.
(Deutschmann ef al., 1994, 1996; Quiceno et al., 2006; Schwiedernoch et al.,
2003). A unified mechanism covering all aspects of SR and DR, POX and
total oxidation, carbon formation, and catalyst oxidation is still under
construction. Recently obtained new experimental data for DR (McGuire
et al., 2011) call for further adaption of the kinetic schemes available.
Based on a variety of experimental and modeling techniques, a general
consensus is now achieved on the reaction routes in CPOX over Rh cata-
lysts: In a quasi two-step process (indirect route), first CH, is completely
oxidized to CO, and steam, as long as oxygen is present close to the catalyst
surface, and then the remaining CH, is reformed with the steam to synthe-
sis gas (Hannemann et al., 2007; Horn et al., 2010; Schwiedernoch et al.,
2003). DR does not play any significant role and the surface acts as a sink for
radicals, inhibiting significant gas-phase reactions at pressures below 10
bars (Quiceno et al., 2006). The reaction is mass transport limited, in partic-
ular in the total oxidation zone of the reactor, in which the surface reaction
rate is very fast in comparison to diffusion of oxygen to the channel wall,
which leads to almost zero oxygen concentrations at the gas—catalyst inter-
phase. The decisive proof for this reaction route came from the application
of in situ techniques to determine spatially resolved species and tempera-
ture profiles inside the reactor. The optically accessible catalytic channel
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reactor of the Mantzaras group (PSI, Switzerland) was used to resolve the
axial and radial profiles in CPOX with exhaust gas recycling of methane at
elevated pressure and to compare them with reactor simulations including
detailed reaction mechanisms; results are shown in Figure 12 (Schneider
et al., 2007, 2006). The Horn group (FHI, Berlin) has recently developed an
in situ sampling capillary technique for measurements of spatially resolved
profiles in reforming catalytic foams up to 1300 °C and 45 bars and also
applied this technique to elucidate axial profiles in POX of methane over
noble metal catalyst (Horn et al., 2010).

Since natural gas contains higher alkanes and other minor components
besides methane, conversion and selectivity can be influenced by these other
components. Consequently, conversion of methane in SR of pure methane
and in SR of natural gas (North Sea H) differs from each other (Schadel and
Deutschmann, 2007; Schadel et al., 2009). Before substantial conversion of
methane sets in, most of the heavier hydrocarbons are fully converted.

Another very interesting topic from an external as well as from an
internal view point are oxidation and reforming of natural gas over nickel-
based catalysts, for which many kinetic studies have been conducted
(Mogensen et al., 2011; Rostrup-Nielsen and Hansen, 1993; Wei and Iglesia,
2004; Xu and Froment, 1989a,b). A review on CPOX of methane to synthesis
gas, with emphasis on reaction mechanisms over transition metal catalysts,
was recently published by Holmen and coworkers (Enger et al., 2008).
A hierarchical, multiscale modeling approach recently demonstrated by
Chen et al. (2011) included a microkinetic model for steam methane reform-
ing on the supported Ni catalyst, including reaction steps of surface carbon
formation, segregation, diffusion, and precipitation. The mechanism devel-
oped for Ni/alumina catalysts (Maier et al., 2011b) in Table 5 was also
successfully applied in numerical simulation of internal SR and DR of

Channel height y (mm)

Mole fraction

Figure 12 Predicted (lines) and measured (symbols) steam profiles for autothermal
reforming of methane over Rh at 6 bars, equivalence ratio of 4, and 38% steam addition,
adapted from Schneider et al. (2007). The profiles are given at different axial positions of
x=2 (black triangle), 5 (red square), 9 (green diamond), 13 (orange triangle), and 17 (blue
sphere) cm; the arrow denotes the flow direction (x); catalytic wall at y =3.5 mm,
channel centerline at y=0.
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methane over Ni/YSZ anodes of SOFCs (Hecht ef al., 2005; Janardhanan and
Deutschmann, 2006). More details are given in the subsequent chapters of
this book.

71.2 Reaction networks in the reforming of iso-octane

In comparison to the reforming of natural gas, the kinetics of the reform-
ing of higher hydrocarbons is much more challenging, not only due to the
fact that the catalytic reaction cycle becomes very complex, but also due to
the fact that conversion in the gas phase cannot be neglected any more.
In particular, the formation of coke precursors is expected to occur in the
gas phase. Several fundamental studies (Hartmann et al., 2011, 2010;
Maier et al., 2011a) have recently been conducted to achieve a better
understanding of the interactions of surface and gas-phase reactions as
well as of mass transport (radial diffusion) in the reforming of liquid
hydrocarbons by CPOX. In these studies, iso-octane served as model
fuel for gasoline. The impact of other gasoline components is discussed
above. Again, the process is analyzed in a single monolith channel.

Experimental studies (Hartmann et al., 2009a,b) have revealed the prod-
uct composition of iso-octane in CPOX over a rhodium/alumina-coated
honeycomb monolith at a varying C/O ratio. Very high hydrogen and
carbon monoxide yields are found at stoichiometric conditions (C/O=1),
while at lean conditions, more total oxidation occurs. At rich conditions (C/
O> 1), the formation of by-products such as olefins is observed.

In the modeling approach, the single channel of the monolith at isother-
mal conditions was numerically simulated, using a two-dimensional para-
bolic flow field description (Raja et al., 2000). The chemical models need
to be able to predict all macrokinetic features from total oxidation via POX,
SR, DR, WGS to fuel pyrolysis, and in addition, potential conversion of the
fuel in the gas phase should be taken into account. Therefore, the flow field
was coupled with elementary-step-based hetero%\?neous and homogeneous
reaction mechanisms (software DETCHEM“HANNEL. Daytschmann ef al.,
2008; Tischer and Deutschmann, 2005). Since the actual decomposition of
adsorbed iso-octane over Rh is not known in detail, a simplified approach
was proposed (Hartmann et al., 2010): The heterogeneous POX of i-octane
on rhodium-based catalysts is modeled by a detailed surface reaction
mechanism for POX of C;—C; species (Hartmann et al., 2010), consisting
of 56 reactions and 17 adsorbed species. This scheme is extended by two
additional “lumped” reactions for adsorption of iso-octane, assuming that
iso-octane adsorption quickly leads to the species that are explicitly
described in the mechanism. For the description of gas-phase kinetics, a
reaction mechanism developed by the combustion group at Lawrence
Livermore National Laboratory for homogeneous oxidation of i-octane
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(2,2,4-trimethylpentane) (Curran et al., 2002) was applied; it consists of 7193
irreversible reactions among 857 species.

The numerical simulation, combined with an experimental study,
revealed the roles of surface, gas-phase, and radical chemistries in high-
temperature oxidative catalytic conversion of iso-octane over Rh catalysts.
From Figure 13, it can clearly be concluded that the major products
(syngas) are produced in the entrance region of the catalyst on the cata-
lytic surface; radial concentration profiles are caused by a mass-transfer
limited process. As soon as the oxygen is consumed on the catalytic
surface—similar to CPOX of natural gas—hydrogen formation increases
due to SR; the major products are formed within few millimeters. At rich
conditions (C/O>1.0), a second process, now in the gas phase, begins in
the downstream part, as shown in Figure 14. The number of radicals in the
gas phase is sufficiently large to initiate gas-phase pyrolysis of the remain-
ing fuel and formation of coke precursors such as ethylene and propylene.
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Figure 13 Numerically predicted profiles of molar fractions of reactants and major
products in the entrance region of the catalyst at C/O =12 in CPOX of iso-octane over a
Rh/alumina-coated monolith, taken from Hartmann et al. (2010). Flow direction is from
left to right.
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Figure 14 Numerically predicted profiles of molar fractions of ethylene and the CH;
radical along the entire catalyst at C/O=1.2 in CPOX of iso-octane over a Rh/
alumina-coated monolith, taken from Hartmann et al. (2010). Flow direction is from left
to right.
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The Beretta group (Politecnico di Milano) has recently been able to
show by a quartz capillary sampling technique that olefins are formed
even in the initial catalyst section over a Rh/alumina catalysts in CPOX of
propane (Donazzi et al., 2011), which clearly reveals that the application of
two-zone model is risky. In these models, it is assumed that, in the first
section of the catalyst, only catalytic conversion is significant, and then,
further downstream, only gas-phase chemistry needs to be considered.

In the experiment, the downstream part of the catalyst is coked-up;
here, the Rh surface cannot act as a sink for radicals. The study also
numerically simulated the coverage of the Rh catalyst as a function of
the axial coordinate, revealing a sufficient number of unoccupied surface
sites at lean (C/O=0.8) conditions (Figure 15 (left)). At rich conditions
(C/O=1.2; Figure 15 (right)), however, the surface further downstream is
completely covered by carbon. This study (Hartmann et al., 2010) also
revealed that the applied chemical models—even the most detailed ones
available—need further improvement, in particular regarding the forma-
tion of minor by-products at rich conditions.

7.2 Predicting and controlling coking in fuel reformers

721 Catalyst deactivation due to coking

The model discussed above predicts a surface completely covered by
carbon, C(s), in the downstream section of the catalyst, z>1 mm. Since
the model does not include direct interactions between gas-phase species
and carbon on the surface, the gas-phase conversion practically proceeds
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Figure 15 Numerically predicted surface coverage as a function of axial position along
the honeycomb catalyst channel in CPOX of iso-octane over a Rh/alumina-coated
monolith. Conditions: C/O =0.8, 1359 K (left), C/O=1.2, 1076 K (right); taken from
Hartmann et al. (2010).
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independently of any direct influence of the catalytic surface, which
means radicals are not recombined on the surface for z >1 mm. However,
both heterogeneous and homogeneous chemistries are coupled, because
the resulting carbonaceous overlayer on the catalyst is a result of the
composition of gas phase near the channel wall. The exact position of this
C(s) layer is rather sensitive to small variations of several physical para-
meters such as reactor temperature, catalyst loading, flow rate, and diffu-
sion models. Furthermore, it always occurs in the first third of the catalyst
at a given C/O ratio and is very typical for the rich regime, as observed
experimentally (Figure 16) (Hartmann, 2009). First studies indicate that
the catalyst still shows some activity in that region. A recent AFM study
(Essmann, 2011; Essmann et al., 2011) of the initial state of coking in high-
temperature reforming led to the conclusion that coke formation indeed
starts at the catalyst particle and then spreads over the support. However,
the mechanism of coke formation very much depends on the local condi-
tions and temperature. Three different kinetic regimes have recently been
observed in high-temperature reforming of hydrocarbons, two initiated by
the catalytic particle, and one by deposition from the gas phase at higher
temperatures and at a much larger rate (Schédel, 2008).

72.2 Quantitative model prediction of formation of coke precursors

in the gas phase
The olefins formed in the gas phase have a particularly high potential to
form soot particles further downstream of the catalyst, because it will be
difficult to cool down the hot product fast enough to avoid any further
gas-phase reactions, and therefore, molecular growth of olefins to PAHs
will occur. The formed particles are a definite threat for other devices such

[ ALO, support

Figure 16 Coke formation on the inner catalytic channel walls and TEM image of
carbon-covered Rh particle after the honeycomb was used for several hours in a CPOX
reactor operated with iso-octane as feed at C/O >1.0. Pictures are taken from Hartmann
(2009).
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as fuel processing systems and fuel cells, which are located downstream
of the CPOX reactor. Adequate measures are required to either avoid
operation of the CPOX reactor in a regime where gas-phase reactions
are likely to produce precursors of particulate matter, to reduce olefin
concentrations with postcatalyst conversion strategies, or to collect the
particles formed, for example, by means of the filters.
Gas-phase-initiated coking of the product lines downstream of the
catalytic section of the reactors, caused by the olefin precursors formed in
the catalytic section, is the topic of a recent study (Kaltschmitt ef al., 2011).
The product composition of CPOX of iso-octane was chosen as the feed
composition in a pure gas-phase experiment, in which the product stream
was fed into an empty quartz tube heated up to a temperature typical for
the catalyst exit temperature of the CPOX reactor, in order to mimic the
conditions downstream the catalyst. This homogeneous reactor was also
modeled using two different large elementary-step reaction mechanisms.
The study concluded that gas-phase reactions among a multitude of species
are responsible for coke formation when unconverted fuel leaves the high-
temperature oxidation zone in the catalyst. Large amounts of olefinic
hydrocarbons are initially formed by thermal cracking, leading to aromatic
molecules and further downstream to PAH formation (Figure 17). The
presence of gas-phase reactions in the postcatalytic zone decreases the
amount of hydrogen produced by methanation and hydrogenation of
carbon monoxide and olefins, especially at fuel-rich conditions. Cracking
of the remaining fuel increases the concentration of by-products (ethylene,
acetylene, and C3—-C4 olefins) and, as a consequence, also increases the
amount of carbon deposits. A conclusion of their study is that the experi-
mentally determined yields (major as well as minor products) in laboratory
CPOX reactors may deviate from the local yields at the catalyst exit,
because the products cannot usually be quenched fast enough to avoid
gaseous postreactions occurring within millimeters beyond the catalyst.

73 Impact of the flow rate on reforming efficiency

In Figure 18, the impact of the flow rate on the temperature distribution in
the monolithic sections of a short-contact-time reactor for the reforming of
iso-octane to hydrogen-rich synthesis gas reveals that higher flow rates
lead to an increase in temperature and in conversion, and consequently
lead to higher hydrogen yields (Maier et al., 2011a). This counter-intuitive
increase in fuel conversion with decreasing residence time (increasing
flow rate) can be explained by analyzing the ratio of chemical heat release
to heat loss in the reactor (Hartmann et al., 2011). Maier ef al. (2011a) have
shown that choosing the right model to account for heat transfer in CPOX
reactors helps to understand the impact of the flow rate on conversion
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Figure 17 Influence of gas-phase reactions on the catalyst exhaust composition in

the postcatalyst zone of a CPOX reformer (Rh/alumina honeycomb) operated with
iso-octane at rich conditions (C/O =1.6). The catalyst exhaust composition measured was
fed into an empty tube heated by a furnace to a temperature of 1106 K, which was the
catalyst exit temperature measured in the CPOX reactor. The figure shows the numerically
predicted distribution of carbon precursors along the empty tube, thereby clearly
revealing postcatalyst conversion in the downstream gas phase. C;—C, olefins contain 1,2-
propadiene, propene, propyne, n-butene (1-butene, 2-butene), iso-butene, and 1,3-butadi-
ene; PAH contains naphthalene, anthracene, and pyrene. The embedded photo shows the
tubular quartz reactor after operation. Taken from Kaltschmitt et al. (2011).

and selectivity. An adiabatic single-channel simulation will fail; it is not
able to predict even the qualitative behavior, that is, the increase of the
catalytic exit temperature with increasing flow rate as shown in Figure 18
(Hartmann et al., 2011). Instead, the entire catalytic monolith with at least
several representative channels has to be considered, including heat
transport within the solid structure of the monolith and at all monolith
boundaries. The increase in temperature with increasing flow rates can be
explained by the effect of heat losses. The total amount of heat released by
the reaction almost linearly increases with the flow rate, because the fuel is
fully converted in the first zone of the catalyst. However, since higher
temperature favors the less exothermic POX over the highly exothermic
total oxidation, a self-limiting process concerning the temperature increase
occurs. Consequently, the temperatures do not increase extraordinarily
with increasing flow rate. The total amount of heat loss to the ambience by
means of thermal conduction and radiation mainly depends on the temper-
ature of the solid structure, which indeed is higher, but not so much higher
as to compensate for the larger heat release effect. In short, the ratio of
chemical heat release to thermal heat loss increases with increasing flow
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Figure 18 Sketch of the catalyst section of a reformer for logistic fuels with two heat
shields (top) and numerically predicted steady-state monolith temperature at C/O =1.0
and at flow rates of 2 slpm (middle) and 6 slpm (bottom) in CPOX of iso-octane over a
Rh/alumina-coated honeycomb monolith. The symmetry axis of the monolith is at radial
dimension of zero. Taken from Maier et al. (2011a).

rate, and therefore, the temperature increases. Higher temperature gener-
ally leads to higher hydrogen yields due to thermodynamics. The product
composition strongly depends on the flow rate, in particular at higher C/O
ratios (Hartmann ef al., 2011). The propensity of the formation of coke
precursors is also influenced by the flow rate. As shown in Figure 18, the
more exterior channels of the monolith exhibit lower temperatures which
consequently have an impact on the concentration profiles in the individual
channels; not all channels behave essentially alike.

Higher temperatures do not only shift the thermodynamic equilibrium
toward hydrogen production, but also increase the reaction rate of the
second global reaction step, that is, hydrogen production by SR. The
negative temperature gradient in the SR zone is larger for higher flow
rates, even though the cooling effect by heat loss of the catalyst to the
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ambience is smaller for higher flow rates (Figure 18). However, the heat
loss effect clearly overlaps with the flow rate effect. At low flow rates,
more exterior channels of the monolith experience much lower tempera-
tures than at high flow rates and, consequently, hydrogen production is
reduced. In addition to SR, the exothermic WGS reaction also leads to
hydrogen production; this effect is rather small but still has some impact
on the final product composition and catalyst outlet temperature
(Hartmann et al., 2011). In summary, an understanding of the dependence
of hydrogen selectivity on the flow rate can only be achieved by taking
mass and heat transfer as well as detailed kinetic schemes (reaction path-
ways) into account.

74 Understanding the dynamics of catalytic monoliths—CPOX
of methane

In reformers, a highly dynamic behavior is observed during light-off and
shut-down. This transient behavior during light-off of the reaction has
been studied in detail for CPOX of methane in a Rh-coated honeycomb
reformer. Applying the code DETCHEMMONOMTH described in Section 6,
the transient behavior of the temperature of the solid structure of the
catalyst and the processes in the single channels can be computed.
Figure 19 shows the time-resolved temperature and species profiles in a
single channel of a catalytic monolith for POX of methane for the produc-
tion of synthesis gas and the temperature distribution of the solid struc-
ture during light-off (Schwiedernoch et al., 2003).

75 Model-based optimization of fuel processor design

In technical systems, overall efficiency is increased by heat integration,
which can be realized either directly or indirectly. Figure 20 shows the
schematic of a potential technical application, in which the hot exhaust
of the SOFC stack at approximately 800 °C is led through the casing of
the reformer to improve the heat balance (Goldin et al., 2009). In the case of
co-feeding part of the exhaust directly to the fuel/air mixture, one has to
be aware of the fact that the oxygen contained in steam and in particular
in carbon dioxide may show different reactivity than the oxygen of O,
(Kaltschmitt et al., 2012).

8. SUMMARY AND CONCLUSIONS

First of all, many items have to be considered when converting the
chemical feedstock available in nature such as natural gas, crude oil,
coal, and “regenerative” sources (biomass) into fuels that fuel cells can
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Figure 19 Numerical simulation of the light-off of a Rh/Al,03-coated monolithic
honeycomb reactor for partial oxidation of methane to synthesis gas (Schwiedernoch
et al., 2003). Top panel: temperature of the solid structure of the catalytic monolith and
the thermal insulation (675 K (blue) to 925 K (red)). Lower panel: gas-phase temperature
(385—900 K) and species mole fractions (CH,: 0.043—0.094, O,: 0—0.055, H,: 0-0.0412,
H,0: 0—0.058, CO: 0-0.042, CO,: 0-0.056) in a single channel in the center of the
monolith, red =maximum, blue =minimum. The time is set to zero when significant
amounts of products can be observed after the reactor was heated up to the ignition
temperature of 675 K.

be operated with. Eventually, the fuel cell type and its operating temper-
ature eventually determine the chemical composition of the fuel for the
fuel cell. In most cases, hydrogen or hydrogen-rich gases are used as fuel.
The amount of other components aside from the hydrogen the cell can
take without damage or loss in performance can vary from few ppm in the
case of low-temperature PEMFCs to 100% in the case of high-temperature
SOFCs. The maximum amount of by-products specified by the fuel cell
type under consideration basically determines the amount of final clean-
ing of the fuel such as removal of CO and hydrocarbons. The original
chemical feedstock is usually not directly used in a fuel processor
designed for the specific fuel cell application, rather logistically available
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Figure 20 Illustration of a shell-and-tube reformer. Catalytic reforming proceeds
within the tubes, with the outer shell flow (exhaust gas recycle) used to assist control of
the tube temperatures; taken from Goldin et al. (2009).

fuels such as precleaned (desulfurization) natural gas, methanol, gasoline,
diesel, kerosene, or biomass-derived fuels such as ethanol and FAME
are processed. Alternatively, (pure) hydrogen can directly be used as
fuel, which originates as by-product from petrochemical refineries and
chemical plants or is produced on-purpose from natural gas and large-
scale facilities. The latter one uses SR for converting precleaned natural
gas to hydrogen in most cases, although alternate routes such as ATR and
POX may attain more attraction in the future.

The way the primary hydrocarbon fuels are processed does not only
depend on the fuel available (natural gas, diesel, . .. .) and the fuel needed
for the cell (hydrogen, partially reformed hydrogen, others) but also on
the availability of steam and energy, on the way the cell and the reformer
can be coupled (e.g., tail-gas recycling), and on the specific application
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(stationary/mobile/portable) and the electrical output needed. Conse-
quently, there is plenty of room for process optimization.

Process optimization is very expensive when many parameters and
constraints are present. Therefore, mathematical methods are substituting
more empirical approaches and trial-and-error methods. Mathematical
optimization benefits very much from a detailed understanding of the
underlying physical and chemical processes of the reformer devices
including the catalyst. Therefore, one of the first tasks in model-based
optimization of the design and operating conditions of fuel processors is
the understanding of the interactions of chemical reactions and mass and
heat transfer in the system. Again, mathematical modeling can tremen-
dously support this understanding.

High-temperature catalysis is the primary chemical technology in fuel
processing by SR, partial reforming, and ATR, three routes considered
today. In particular, CPOX and ATR allow high-throughput reforming of
logistic fuels (natural gas, gasoline, diesel, kerosene, ethanol) in compact
devices without the need of external energy. POX of these fuels at milli-
second contact times over Rh-based catalysts at around 1000 °C and at
optimal fuel/oxygen ratios leads to almost total fuel conversion and
hydrogen yields being close to the ones at thermodynamic equilibrium.

Conversion and selectivity, however, strongly depend on the molar C/O
ratio of the fuel/oxygen/(steam) mixture. In CPOX, the optimal C/O ratio
for hydrogen yield is around the stoichiometric ratio of unity; the production
of total oxidation products (H,O, CO,) and undesired hydrocarbons (soot
precursors such as olefins) are favored at lean (C/O < 1) and rich (C/O>1)
conditions, respectively. However, depending on the type of fuel, the opti-
mal C/O ratio for achieving the maximum hydrogen yield at a minimum
amount of undesired by-products (olefins, acetylene, aromatics) can rela-
tively strong deviate from this optimal C/O ratio. Also, the actual composi-
tion of a commercial fuel strongly influences hydrogen yield and product
selectivity. Here, the structure of the individual fuel components matters
more than their chain length. Therefore, the behavior of real fuels in CPOX
reformers is difficult to derive from the behavior of single-component sur-
rogates. In particular, diesel and ethanol-blended fuels exhibit a complex
behavior, which cannot be linearly extrapolated from the behavior of their
single components. In reforming of ethanol, significant amounts of ethylene
and acetaldehyde are produced even at low C/O ratios.

The deactivation of the catalyst and of downstream pipes and devices
(e.g., fuel cells) due to coking is one of the challenges in the technical
realization of CPOX-based APUs. The coking is initiated by the formation
of olefins in the gas phase due to oxidative and—even more important—
pyrolytic processes; exceptions are methane (no coking at relevant pres-
sure) and ethanol (surface processes seem to matter as well).



Fuel Processing for Fuel Cells 59

As said, modeling and simulation can support the understanding of
the interaction of mass and heat transfer with heterogeneous and homo-
geneous chemical reactions in the reformer. The dependence of product
composition on C/O ratio, temperature, and flow rate as well as the
occurrence of coke precursors can be explained by modeling work, at
least qualitatively. The catalytic conversion is usually controlled by mass
transfer (external diffusion). Most reformers operated with fuels that
contain aliphatic and aromatic hydrocarbons with two and more carbon
atoms exhibit a coupling between catalytic and homogeneous (gas-phase)
conversion via adsorbed and desorbed intermediates and radicals.
Detailed catalytic reaction mechanisms are only available for natural gas
and single-component liquid fuel surrogates such as iso-octane and
only over rhodium-based catalysts. The extrapolation of the behavior of
reformers operated with surrogates (laboratory scale) to the behavior
of reformers operated with complex logistic fuels has to be conducted
with care. However, studies using surrogates can indeed lead to useful
information for the design of reformers and the optimization of opera-
tional conditions to maximize hydrogen yield and minimize by-product
formation as discussed in this chapter.
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